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H I G H L I G H T S  G R A P H I C A L  A B S T R A C T  

• FO-RO and FO-MD desalination systems 
are investigated at the water energy 
nexus. 

• Multi-stage operation is a valuable so
lution for co-current FO large-scale 
systems. 

• FO-RO is ~100-fold more energy- 
efficient than FO-MD in low saline 
water treatment. 

• FO-MD system is more flexible than FO- 
RO, able to work with extended salinity 
levels. 

• FO-RO and FO-MD exergy consumption 
are comparable when treating hyper 
saline water.  

A R T I C L E  I N F O   

Keywords: 
Forward osmosis 
Reverse osmosis 
Membrane distillation 
Multi-stage approach 
Energy consumption 

A B S T R A C T   

Couplings of forward osmosis (FO) with reverse osmosis (RO) or membrane distillation (MD) are investigated at 
the water-energy nexus. The treatment of low and hypersaline feed solutions was assessed, followed by dis
cussion of the most effective hybrid scheme for different conditions. Two FO configurations are presented, 
suggesting the potential applicability of a versatile multi-stage approach for treating low-saline wastewater 
sources under co-current membrane module design. Subsequently, energy and exergy consumption of the post- 
treatment RO / MD were evaluated. Finally, the coupling of FO and RO or MD units is investigated, highlighting 
the dependence of the two hybrid systems upon the operating parameters in FO. While FO-RO coupling is the 
most efficient solution in terms of power and exergy consumption, it is narrowed by the choice of the salinity 
gradient in the draw solution. A 2 order of magnitude higher power consumption is required by the MD to drive 
back the draw solution in FO while treating low saline wastewater. When dealing with hypersaline solutions 
instead, the FO-MD becomes more competitive, mostly from the exergy standpoint, highlighting the ability to use 
low-grade heat. Overall, FO-MD is more versatile, showing a broader application range while potentially 
approaching zero liquid discharge.  
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1. Introduction 

Forward osmosis is widely recognized as a valuable alternative 
desalination process, in which the natural process of osmosis is engi
neered to extract high-quality water from contaminated streams by 
means of a draw solution (DS) able to establish an osmotic gradient at 
the membrane interface [1]. In detail, forward osmosis represents an 
especially promising technology for the treatment of complex water 
streams [2–5]. Contrary to pressure-driven membrane systems, the 
absence of an external applied hydraulic pressure gives the possibility to 
process, in FO, water sources with organic and suspended solid contents 
[4,6] and to reduce the cost of installation by using fully polymeric 
materials. Moreover, the potential deployment of a variety of draw 
solutes makes the FO a versatile technology, able to treat feed solutions 
with either low or hyper salinity levels [7–10]. 

Forward osmosis may be deployed as stand-alone membrane system, 
virtually with no or little requirement of an external energy input to 
drive the permeation process. In this case, named osmotic dilution (OD) 
or osmotic concentration, the draw solution is used to extract water from 
the feed stream without requiring a further downstream recovery step. 
This configuration has been mainly reported for medical applications or 
for direct fertigation, whereby engineered draw solutes are diluted via 
OD prior to their beneficial use [11,12]. An attractive OD configuration 
consists of the utilization of natural draw solutions to drive the perme
ation process. Thanks to its intrinsic characteristics, seawater is 
considered a valuable draw solution to extract water from feed solutions 
with low total dissolved solids concentrations [13]. 

Comprehensive studies have been performed to investigate, e.g., 
potential alternative draw solutions in FO or the changes in membrane 
module configuration [14,15]. Recently, studies have assessed FO 
feasibility in situ (e.g., treating real water sources or investigating 
possible pilot configurations) to close the gap between lab and real scale 
applications [16–18]. However, this is still a largely uncharted territory 
and research is necessary to assess the implementation of forward 
osmosis systems in large scale applications, as well as the integration of 
the FO step with post-recovery systems. In this regard, it is indeed 
essential to emphasize that, aiming at zero liquid discharge and at a 
general minimization of waste within the water treatment sector, for
ward osmosis requires a downstream desalination technology able to 
process the diluted draw solution, separating the draw solute from the 
water extracted in the FO step, thus continuously restoring the draw 
solute concentration [19,20]. In this configuration, energy is required to 
drive the subsequent desalination system, usually represented by either 
a pressure-driven or a thermally-driven process. 

The choice of the coupling technology is governed by the charac
teristics of the draw solute as well as by the salinity gradient driving the 
FO permeation step. Studies proposed and assessed potential FO 
implementations, with nanofiltration (NF), reverse osmosis (RO) and 
membrane distillation (MD) being the best candidates for draw solution 
recovery. Currently, pressure-driven membrane processes (NF/RO) 
represent the most energy efficient options [21]. However, the con
centration of draw solution that can be recovered with NF/RO, hence, 
the salinity of the primary feed stream, is narrow, in turn limiting the 
versatility of the coupling technology. In detail, the current maximum 
operating pressure for commercial RO membrane modules is around 80 
bar [22], with a few studies reporting the possibility to reach up to 100 
bar [23]. Treating hypersaline solutions is challenging considering the 
current limitations related to membrane materials, module packing, 
topology, and fouling/scaling phenomena. Therefore, the mechanical 
integrity and a proper permeability may not be guaranteed. For this 
reason, FO-NF/RO was reported so far in the literature as a promising 
solution for the treatment of low-salinity wastewater and groundwater 
sources [16,24]. 

An emerging alternative, which has been recently gaining ground, is 
represented by FO coupled with MD. The latter is particularly promising 
due to its ability to perform low-temperature separation with low-grade 

energy, such as industrial and non-industrial waste heat, as well as 
renewable energy sources [25–29]. Furthermore, MD is a suitable option 
for draw solution recovery as it allows the management of high salinity 
waters, being less sensitive to the variation of the solute concentration 
[19,22,30–32] while showing low fouling propensity [22]. In fact, 
contrary to pressure-driven membrane systems, the driving force in MD 
process is the partial pressure difference of the vapor generated across 
the membrane, i.e., between the feed solution to be treated (the diluted 
DS in FO-MD configurations) and the distillate. Such partial pressure 
difference shows a relatively low dependence on salinity (see Raoult's 
law [32]). Previous studies indicated that the upper operating limit of 
salinity of the feed solution is 200,000 ppm [22,23]. As a result, FO-MD 
has been mostly investigated when hypersaline draw solutions were 
needed to drive the FO permeation step [33–37]. On the other hand, 
there is a lack of understanding of FO-MD coupling, especially when 
considering the major limitation of MD, namely the low water recovery 
rate achievable in single stage operation mode [22]. 

Regarding the MD, most of the scientific activity conducted 
throughout the years was focused on optimizing the heat and mass 
transfer phenomena across the hydrophobic membrane. Solving this 
system of non-linear heat and mass transfer equations involves extensive 
computational efforts. However, developing a simplified, but accurate, 
mathematical model able to faithfully estimate the performance of such 
technology is highly desirable in order to effortlessly explore its poten
tial coupling with forward osmosis, thus moving from component to 
plant-scale modeling. On this point, it is worth noting that a pioneering 
framework for evaluating the inherent potential thermodynamic per
formance of the MD process has been recently proposed and established 
by Christie and co-workers [38]. 

The study proposed here investigates the possible implementation of 
FO-RO/MD hybrid systems by performing a system-scale analysis at the 
water-energy nexus. Firstly, FO configurations are assessed, evaluating 
the influence of different operating parameters and multi-stage ar
rangements on water extraction from potential contaminated streams. In 
detail, the FO analysis is performed by discretizing the membrane sys
tems while calculating the water filtered during the process. Then, with 
the aim of coupling the RO/MD technologies with the FO plant, the 
specific energy and exergy consumption related to RO/MD post- 
processes are calculated. For the sake of comprehensiveness, couplings 
between FO and both low- and unconventional high-pressures (namely, 
applied pressure lower than 100 bar and from 100 to 300 bar, respec
tively) RO (LPRO & HPRO), able to regenerate also hypersaline draw 
solutions, are included for comparison. Moreover, with regard to the MD 
technology, both a basic and an advanced configuration are considered. 
The advanced configuration incorporates an heat exchanger recovering 
the latent heat from the permeate stream to preheat the feed stream. 
Then, in order to evaluate the specific energy consumption of the MD 
process, the inspiring and simplified approach proposed by Christie and 
co-workers [38] is here considered and tailored to properly fit the hybrid 
configurations explored. In addition, the equations for evaluating the 
non-uniform trans-membrane temperature difference across the module 
are here included and discussed. Finally, the power required to restore 
the concentration of the draw solute, as well as the exergy consumption, 
are calculated for several hybrid case studies involving couplings be
tween different multi-stage configurations of FO, RO and MD, different 
draw solutions flow rate per stage and osmotic pressure. 

2. Methods 

2.1. Forward osmosis 

Simulations were performed considering three different case sce
narios, namely, (i) forward osmosis for civil wastewater treatment - 
FOCW, considering an overall water recovery of 85 %, (ii) osmotic 
dilution for civil wastewater treatment - ODCW, considering an overall 
water recovery of 85 % and (iii), forward osmosis for the treatment of 
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hypersaline Water sources - FOHW, considering an overall water re
covery of 60 %. Based on the results achieved in previous experiments 
[39], in FOCW, MgCl2 was considered as the most suitable draw solute, 
differently from the ODCW scenario, in which seawater was simulated as 
DS. In the FOHW case study, sodium propionate (NaPRO) was deployed 
as draw solute, given the promising results discussed by previous studies 
[36]. While the operating conditions may vary in the two FO scenarios 
depending on the concentrations of MgCl2 or NaPRO considered for the 
draw solution, seawater was modeled considering a representative 
concentration of 35 g L− 1 of NaCl in OD. In the latter case, a potentially 
infinite DS volume could be virtually up taken from the sea, while total 
DS volumes need to be optimized when working with engineered solu
tions in the two forward osmosis cases. This is necessary to keep 
reasonable operating costs while lowering the associated environmental 
impacts. Civil wastewater was simulated according to our previous 
literature works [39,40], without considering any foulant concentra
tions and by simplifying the mixture of ionic species with an equivalent 
NaCl concentration providing an osmotic pressure of 0.5 bar. The brine 
produced by a reverse osmosis seawater desalination system with an 
average water recovery of 50 % was considered as hypersaline water 
source. 

System-scale analysis of forward osmosis and osmotic dilution was 
performed by simulating the potential configurations reported in Fig. 1a 
and S2. The FO and OD configurations consisted of different stages, each 
supplied with specific volume and mass flow rates of feed and draw 
solution. While the feed is treated sequentially along the stages, i.e., the 
concentrate of one stage is the feed of the following one, the influent 
draw solution of each stage was designed following two potential system 
configurations. The first one (Conf1 along the manuscript), depicted in 
Fig. S2, was only used to simulate the FOCW scenario. Here, the total 
flow rate of the MgCl2 draw solution is divided equally among the 
various FO stages, in which the permeation is driven by the re- 
concentration factor obtained by mixing the diluted draw solution 
exiting the previous stage and the new influent DS flow. The second 
configuration (Conf2 along the manuscript), reported in Fig. 1, is 
designed in a way that each of the stages receive a fresh draw solution 
source. This configuration was used to simulate all three scenarios 
described above, thus varying the source of draw solution accordingly. 

A downstream desalination technology is necessary for the draw 
solution regeneration in the FO cases, while no post-treatment is 
contemplated in osmotic dilution mode. Potentially, the OD system can 
be combined with a reverse osmosis unit to extract water from the 
diluted seawater draw solution, thus increasing the recovery rate of the 
RO desalination step. This case scenario was not investigated in this 
study, since previous research already proved the potential benefits of 
this coupled strategy [20,41]. However, an in-depth investigation of 
innovative osmotic dilution configurations is of interest. Binger et al. 
[42] reported an in-depth investigation of a multi-stage approach in FO, 
focusing on the influence of the membrane module parameters on the 
water permeation when a wastewater source is used to dilute seawater 
prior to operate the subsequent reverse osmosis desalination step. It is of 
interest to investigate additional similar configurations with a broader 
perspective, falling outside specific membrane module analysis and 
evaluating FO scenarios at the system-level and the related energy needs 
associated with the deployment of different post-recovery solutions. 

The system-scale analysis was performed by discretizing the theo
retical length of each membrane stage while calculating the water flux 
Jw. Thus, the dilution factor of the draw solution, the reverse salt flux 
through the membrane Js, and the concentration factor of the feed so
lution were considered. The values of the active layer water permeance 
(A), the support layer structural parameter (S), as well as the salt 
permeability coefficient (B) for each draw solute and its related diffusion 
coefficient (D) were taken from previous measurements reported in the 
literature [34,39]. For each draw solute, the correlation between the 
variation of the osmotic pressure in solution and the solute concentra
tion were extrapolated using OLISystem Analyser. The discretization of 

each membrane stages was performed in 2D geometry, accounting for a 
mass transfer coefficient equal to what reported in our previous studies 
[34,39]. To simplify the analysis, simulations were first performed in co- 
current configuration (i.e., feed and draw solutions entering and exiting 
from the same sides) and subsequently in counter-current configuration, 
in the latter case fixing the recovery rate of the system based on the 
results obtained in co-current mode. Co- and counter-current represen
tations are reported in the Supporting Information (Fig. S1). Jw and Js 
were calculated through the following equations [43]: 

Jw = A

⎧
⎪⎪⎨

⎪⎪⎩

πDe(
− JwS
D ) − πFe(

Jw
k )

1 + B
Jw

[
e(

Jw
k ) − e(

− JwS
D )

]

⎫
⎪⎪⎬

⎪⎪⎭

(1)  
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Jw

[
e(

Jw
k ) − e(

− JwS
D )

].

⎫
⎪⎪⎬

⎪⎪⎭

(2)  

where cDS and cFS are the draw and feed solutions concentration, 
respectively. 

Note that the energy consumption in the FO step was considered 
negligible compared to the energy associated with the downstream 
desalination technologies. This assumption is mostly based on the 
observation that the direct energy consumption in FO is only associated 
with the head losses within the system, which are negligible compared 
to the energy required to achieve high pressures or related to the heat to 
be supplied to the following RO/MD systems. 

2.2. Specific energy consumption of reverse osmosis 

The methodology adopted for calculating the specific energy con
sumption (i.e., SEC) of RO, which is the pressure-volume work to pro
duce a m3 of permeate, is discussed. Two typical case studies are 
considered for this purpose: the conventional single-stage configuration 
and the multi-stage configuration (where the brine solution exiting the 
first stage enters as feed solution into the second stage and so on), which 
offers benefits from an energy standpoint. In fact, while in the former 
configuration the applied pressure is constant throughout the vessels, 
resulting in a pressure difference at the vessel inlet significantly higher 
than theoretically required, the multi-stage configuration allows work
ing with a gradually increasing pressure that matches the increase in 
brine osmotic pressure [44]. In both configurations, the use of an energy 
recovery device is included in the calculations. The efficiency of this 
component, which is designed to recover as much mechanical energy as 
possible from the high-pressure and high-concentrated brine [45,46] 
(indicated as PR in Fig. 1), significantly affects the total specific energy 
consumption [23,47–49]. 

The analytical equations used to calculate the intrinsic specific en
ergy consumption of the RO process are outlined below. These equations 
are obtained assuming the efficiency of the pump ηpump = 0.8, the effi
ciency of the energy recovery device (i.e., ERD [50], which could be 
pressure exchangers or turbines [23]) 0.8 ≤ ηERD ≤ 1 and an excess of 
hydraulic pressure at the outlet of each stage Δpout equal to 10 bar above 
the osmotic pressure of the brine exiting the stage. The applied hydraulic 
pressure ranges from 25 to 300 bar, based on the detailed considerations 
reported in Ref. [23]. In detail, the lower selected limit corresponds to 
the pressure suitable for processing wastewater with low concentration 
levels (i.e. less than 35 g L− 1). The upper limit is needed to overcome the 
osmotic pressure of hypersaline brines, which can be treated by the so- 
called high-pressure RO systems with applied pressures higher than 100 
bar [23]. In detail, an hydraulic pressure of 300 bar enables brine con
centrations up to 250,000 mg L− 1, which is challenging considering the 
limitations related to the membrane materials and the fouling phe
nomena. Given the selected concentration range, The van't Hoff equa
tion provides reasonable accuracy between solute concentration and 
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Fig. 1. Schematic representation of the configurations designed for potential large-scale forward osmosis (FO) applications. a) Coupling between multi-stage FO 
plant and a downstream desalination system able to restore the concentration of the influent draw solution. The downstream desalination systems considered in this 
work are based on b) reverse osmosis (RO) and c) membrane distillation (MD) processes. With respect to the RO process, two implementation arrangements were 
considered, namely, the single and multi-stage configurations. In the figure, a 3-stage configuration is reported for the sake of conciseness. Furthermore, a device for 
recovering the mechanical energy (ERD) stored in the brine is considered. With respect to the MD process, the two arrangements differ from the presence of a heat 
exchanger (HX) able to preheat the feed stream entering the MD module by recovering the heat stored in the permeate stream. In the figure, a single stage 
configuration is reported, although multiple identical stages may be coupled in series to achieve the desired recovery. 
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osmotic pressure for values below 200 bar. For the upper range, OLI
System Analyser was used to check the validity of the van't Hoff equation 
and to replace values with more accurate ones if nedeed. Furthermore, 
salt rejection is considered as ideal (higher than 99 % in practical real 
cases). As a result of these considerations, the brine osmotic pressure 
πbrine can be written as a function of the feed osmotic pressure πfeed and a 
fixed target recovery R as: 

πbrine =
πfeed

1 − R
(3) 

Then, the following is the equation that was used to evaluate the 
specific energy consumption SEC of a RO process in the case of a single- 
stage [23]: 

SECN=1 =

( ( πfeed
1− R

)
+ Δpout

)
(1 − (1 − R)ηERD )

ηpumpR
(4) 

When dealing with a multi-stage configuration, the osmotic pres
sures and the cumulative recovery rates at the end of each i-th RO stage 
(indicated as πi and ri, respectively) are equal to [47]: 

πi =
( πfeed

1 − R

)(

1 −
(
N − i
N

)

R
)

(5)  

ri = 1 −
πfeed
πi

(6)  

where N represents the number of stages. Thus, the various stages of the 
RO process deal with progressively higher osmotic feed pressure (i.e., πi) 
and progressively lower mass flow rates compared to the upstream 
stages. Following, the equation for the SEC of a RO process, in case of a 
3-stage, is reported: 

SECN=3 =

π1 + Δpout +
∑N− 1

i=1
(1 − ri)(πi+1 − πi)

ηpumpR

−
(1 − R)ηERD(π3 + Δpout)

ηpumpR

(7)  

2.3. Specific energy consumption of membrane distillation 

Here, the methodology adopted for calculating the specific energy 
consumption of MD to produce a m3 of permeate is discussed. The re
ported methodology is inspired by the pioneering work recently auth
ored by Christie and co-workers [38], where a streamlined framework 
for evaluating the inherent potential thermodynamic performance of the 
MD process was established [38]. Without losing generality, a counter- 
current (see Fig. 1) direct contact membrane distillation (DCMD) pro
cess was considered. Moreover, two configurations were explored: a 
configuration in which the outflow from the permeate channel of the MD 
module is conveyed directly back into the FO unit, after thermalizing it 
with the environment by means of a heat sink (see Fig. 1a); a configu
ration involving a heat exchanger (HX) to preheat the feed stream 
entering the MD module by recovering the residual heat in the permeate 
stream (see Fig. 1b). 

Here we focus on quantifying the inherent potential performance of 
an MD desalination system used as downstream separation step of FO. In 
particular, we explore the effect of thermal efficiency ηmem, inlet tem
perature of the streams in the feed and permeate channel (i.e., TH and TC, 
respectively; whose difference is indicated as ΔT), trans-membrane 
temperature difference at the output or input section of the feed chan
nel (i.e., ΔTMD, f, out or ΔTMD, f, in, respectively), and temperature dif
ference between the hot and cold streams along the heat exchanger (i.e., 
ΔTHX) on the MD performance. 

To evaluate the intrinsic performance of the proposed MD process, 
the source of thermal energy PS required to heat the solution entering 
the MD module (i.e., the FO draw solution) up to TH is introduced. If the 

heat exchanger is not involved in the design, PS is: 

PS = cf ṁMD,f ,in (TH − TC) (8)  

where cf is the specific heat of the feed solution and ṁMD,f ,in is the total 
mass flow rate entering the feed channel of the MD module. The thermal 
efficiency ηmem is given by the ratio between the heat transferred 
through water vapor flux ṁMD,WVF across the membrane and the total 
heat carried by the feed mass flow rate ṁMD,f ,in (undergoing a temper
ature change from TH to TC − ΔTMD, f, out), namely: 

ηmem =
ṁMD,WVF hvap

cf ṁMD,f ,in
(
TH − TC − ΔTMD,f ,out

) (9)  

where hvap is the enthalpy of vaporization. Finally, the specific thermal 
energy consumption is: 

SECI =
PS

ṁMD,WVF
(10) 

Combining Eqs. (8), (9) and (10), we get: 

SECI =
ΔT hvap

(
ΔT − ΔTMD,f ,out

)
ηmem

(11) 

Considering a design in which the HX is included (see Fig. 1b), 
previous equations can be re-written as: 

PS = cf ṁMD,f ,in
(
TH −

(
TH − ΔTMD,f ,in − ΔTHX

) )
(12)  

SECI,HX =

(
ΔTMD,f ,in + ΔTHX

)
hvap

(
ΔT − ΔTMD,f ,out

)
ηmem

(13) 

It is worth pointing out that the theoretical framework developed 
here also considers that the trans-membrane temperature at the inlet 
section of the MD module (i.e., ΔTMD, f, in) differs from that at the outlet 
section (i.e., ΔTMD, f, out), being related by the first law of thermody
namics on the MD module: 

ṁMD,f ,in cf
(
TH − Tref

)
+

− ṁMD,f ,out cf
(
TC + ΔTMD,f ,out − Tref

)
=

= ṁMD,p,out cp
(
TH − ΔTMD,f ,in − Tref

)
+

− ṁMD,p,in cp
(
TC − Tref

)

(14)  

where cp is the specific heat of the permeate solution. Note that Eq. 14 is 
valid for both configurations in Fig. 1c. Then, considering an equal inlet 
heat capacity of the streams in the feed and permeate channels of the MD 
module [38], we get: 

ΔTMD,f ,in
(

1 + R
cp
cf

)

− ΔTMD,f ,out(1 − R) =

= R
(
cp
cf
TH − TC

) (15) 

For the sake of conciseness, the reference temperature term (i.e., 
RTref(1 − cp/cf)) does not appear in Eq. 15, being negligible with respect 
to the operating temperatures. 

We then proceed to analyze the specific performance of the MD 
technology from an exergetic point of view as well [51,52]. The specific 
thermal exergy consumption (SECII), defined as the amount of exergy 
supplied to produce a volume of distillate, can be similarly derived by 
including the Carnot factor [27,28,51]: 

ηCarnot = 1 −
Tamb

TH + ΔTS
(16)  

where, ΔTS is the difference between the temperature of the low-grade 
thermal source and the inlet temperature of the streams in the feed 
channel (i.e., TH). Thus, the exergy associated with a given quantity of 
heat flux and employed to produce a unit volume of distillate is SECII =

ηCarnot SECI [28,51]. The thermal source may come from flat plate solar 
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collectors or waste heat recovery. Note that the temperature of the dead 
state corresponds to the ambient temperature (i.e., Tamb). 

3. Results 

3.1. Preliminary FO simulations 

Forward osmosis simulations were performed to investigate the 
feasibility of the system configurations in co- and counter-current mode. 
The same case scenario was considered to carry out the modeling 
analysis, i.e., FOCW. All the results are presented in the Supporting In
formation, Fig. S3, showing the trend of the water flux along the FO 
stages as function of the recovery rate. 

Results suggest that Conf1 does not represent an advantageous 
configuration for FO. Lower water fluxes would be achieved within the 
membrane stages compared to the one stage permeation (results shown 
for co-current operation in Fig. S3a). The unsuitability of such config
uration is in line with our previous modeling analysis [39,40], being 
mainly ascribed to the lower DS to FS volume ratio reached in each stage 
of the system, which increases the dilution factor of the draw solution 
along the membrane length. Even a re-concentration step carried out 
prior to each permeation stage by mixing the diluted DS with fresh DS 
volume is not sufficient to increase the water flux. As opposed to an RO 
process, for which dividing the membrane in multiple stages leads to 
better thermodynamic performance, in FO the loss of driving force due 
to dilution in each stage plays a much more important role. Unless the 
total flow rate of draw solution (i.e. the mass of draw solute) is increased 
significantly in the system, using a multi-stage arrangement is not 
particularly advantageous. 

The modeling analysis also suggests that no significant optimization 
would be achieved when working with the two configurations in 
counter-current mode. An overall decrease in productivity was achieved 
in Conf1 (results not shown), similar to what observed by simulating the 
permeation in co-current. Interestingly, a significant variation of the 
water flux trend would be achieved if counter-current is adopted in 
Conf2 (Fig. S3b). Specifically, a multiple stage approach would signifi
cantly reduce the water flux stability along the recovery. This result is 
mainly ascribed to the nature of the counter-current mode, where the 
more concentrated draw solution is always associated to a more 
concentrated feed solution along the membrane, therefore providing the 
correct amount of driving force capable to determine a more balanced 
and stable permeation with a single stage membrane system configu
ration. It could be said that a single-stage counter-current FO process is 
analogous to a multi-stage RO process with gradually increased applied 
hydraulic pressure, at least in terms of achieving flux balance and 
optimizing the use of driving force. 

Interesting observations can be made by performing a system-scale 
analysis to calculate the theoretical variation of cross-flow channel 
height needed in the FO membrane module to maintain a uniform cross- 
flow velocity (Fig. S4). Overall, while in counter-current a more stable 
flux is produced along the membrane module, a theoretical large vari
ation of the cross-flow channel thickness would be necessary to keep a 
uniform cross-flow velocity (Fig. S4d). This is due to the large increase in 
the flow rates along the membrane module in the same direction for 
both the feed and the draw solution, i.e., large flow rates at one end of 
the module and small flow rates at the other end (Fig. S4b). This effect 
would require complex modules geometry to minimize the concurrent 
change in both cross-flow velocities. An increase in the cross-flow ve
locity would strongly affect the water and solute transfer through the 
membrane while inducing turbulent flow conditions at the membrane 
surface. This may not necessarily have a negative impact on the mem
brane performance, but would ideally require adjustments in module 
design or structure, or would otherwise impose stricter operating limits 
to the deployment of the FO modules, e.g., minimum and maximum 
cross-flow rates. Designing modules or processes to work within specific 
range of recovery rates, cross-flow rates and velocities, as well as 

influent DS:FS flow rates is essential to keep a modular structure and 
guarantee robustness of performance and long component service life in 
large scale applications. 

The need for highly-efficient geometry is less pronounced in FO 
modules working in co-current mode, where the increase of DS flow rate 
due to dilution is counter-posed by the corresponding volume reduction 
of the feed flow, resulting in a theoretical uniform section of the mem
brane module along with the area (Fig. S4c). To make an example, in co- 
current, the traditional cylindrical shape of spiral wound or hollow fiber 
modules may be maintained, potentially adopting less stringent opera
tive limits than those needed for a counter-current module. However, 
this may be obtained at the expense of a less uniform water flux in single 
stage configuration. 

3.2. Staged operation in FO 

The results reported so far suggest: (i) the inefficiency of Conf1 when 
working in forward osmosis, and (ii) the unfeasible re-design of counter- 
current systems in multiple stage operation. However, co-current FO 
membrane modules may be favorably assembled by designing systems 
according to Conf2 (Fig. 1a). This is shown by the results and discussion 
reported in the following section. 

First, simulations were performed to investigate the FOCW and 
FOHW scenarios. The modeling analysis was carried out by fixing the 
recovery rate of the entire system to 85 % and 60 %, respectively. Re
sults are presented in Fig. 2. The water flux trend achievable along the 
stages is reported in Fig. 2a and Fig. 2c for the FOCW and FOHW case 
study, respectively. 

In FOCW, a counter-current single stage configuration is able to 
produce a more stable water flux along the plant and better exploit the 
driving force, thus representing the most valid operational approach 
when a traditional single stage configuration is adopted. This is ascribed 
to a more uniform trend of the concentration gradients between the feed 
and the draw solution along the membrane system. This is an expected 
results and in accordance with previous analysis [39]. Interestingly, 
results suggest that co-current FO may be adjusted by designing a multi 
stage system accordingly to Conf2, thus representing a possible alter
native to the traditional counter-current approach. Compared to the 
single stage permeation, this multi-stage operation would bring benefits 
to the membrane systems by reducing the maintenance cost related to 
the potential difference in fouling that would probably be associated 
with a large variation of the water flux along the membrane (see Fig. 2a). 
Moreover, a Conf2-based system may represent a feasible option for the 
treatment of more complex wastewater, containing large concentration 
of foulants combined with high silt density index (such as liquid fraction 
of digestate [6]). While FO can deal with the presence of suspended 
solids in solution, the increase in concentration of contaminants in the 
feed side may induce organic/inorganic precipitation onto the mem
brane, leading to irreversible fouling. A multi-stage approach can 
simplify the maintenance by operating directly within the fouled stage, 
while keeping unaltered the permeation conditions in the rest of the 
plant. 

In contrast, when treating hypersaline sources, neither a co-current 
nor a counter-current approach would be able to obtain a stable and 
uniform water flux along the recovery rate of the permeation (and 
hence, along the membrane area), as shown in Fig. 2c. This is mainly due 
to the intrinsic higher salinity of the feed water and its concentration 
along the membrane modules. These results draw attention to unex
pected issues that may arise during real-scale FO operations, which 
should be carefully designed in FOHW scenarios, keeping in mind the 
potential detrimental effect of a large water flux variation in membrane 
module performance and fouling. 

It is worth noting that the FOCW and FOHW simulations were per
formed keeping the same feed solution to draw solution flow rate ratio, i. 
e., FS:DS = 1:2. However, a large variation in osmotic pressure differ
ence was needed to drive the two FO scenarios. An influent DS osmotic 
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pressure almost 14 times higher was required to reach a much lower (60 
%) recovery rate in the FOHW scenario compared to the driving force 
needed to achieve 85 % recovery in FOCW, while keeping the local 
water fluxes always higher than 5 L m− 2 h− 1 along the membrane area. 

Interestingly, results suggest that in none of the cases discussed 
above, a no significant change in membrane area would be associated 
with the deployment of single or multi stage configuration to obtain the 
same overall recovery value. Therefore, a multi stage operation would 
not result in a significant increase (or decrease) of the installation costs 
in real scale plants. Instead, a multi stage approach in co-current oper
ation would potentially lead to draw solution savings up to approxi
mately 8 % and 23 % for 6 stages, as reported in Fig. 2b and d. With a 
multi stage configuration, a lower amount of draw solute may be 
deployed to achieve the same outcomes with a fixed plant size. This is 
evident in FOHW scenarios, whereby extreme concentrations of draw 
solutes are needed to drive the permeation of hypersaline water. When 
compared to the single stage co-current operation, this finding is 
partially relevant for the counter-current configuration too, as indicated 
by the orange values reported in the right y axis of Fig. 2b and d. It is 
worth noting that, in the presence of significant environmental burdens 
associated with the production and deployment of the chosen draw so
lute, even a small saving may lead to a more environmentally friendly 
membrane system [40]. 

All the simulations and results discussed above have an impact on the 
efficiency and energy requirements of the downstream step applied to 

regenerate the draw solution. Indeed, different draw solution flow rates, 
as well as influent and effluent draw solute concentrations, are directly 
related to the operating conditions and size of the RO or MD processes 
that would need to treat these solutions. Therefore, multi-stage FO ar
rangements associated with lower or larger values of DS flow rates or 
concentrations with respect to single-stage FO would lead to potential 
savings for the overall coupled system. Note that the design of a multi- 
stage FO plant is not necessarily more complex or costly than that of a 
single-stage system. No pressure booster pumps or expensive materials 
are needed in FO, as opposed to, e.g., RO plants, and a multi-stage 
approach would simply translate in different piping entering and exit
ing the various membrane vessels, with extra costs only virtually related 
to low-pressure pumps and valves. While such calculations are not in the 
scope of this study, designing a rational multi-stage FO step may thus 
result in OPEX savings that would largely offset the possible increase in 
CAPEX costs, in addition to facilitating the implementation of more 
streamlined module structures or operating conditions, as discussed 
above. 

3.3. Staged operation in OD 

Modeling analysis was performed to simulate the ODCW scenario, in 
which no DS regeneration is needed. In this case study, the forward 
osmosis system was designed to ideally work in coastal areas, while 
using seawater as draw solution for the treatment of wastewater with 
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Fig. 2. Results of forward osmosis simulations performed to model the FOCW/FOHW scenarios. The FO system was designed based on Conf2, considering an (i) 
influent total MgCl2/NaPRO DS volume of 200 m3 h− 1, (ii) an influent draw osmotic pressure of 16/280 bar and, (iii) local water fluxes always higher than 5 L m− 2 

h− 1 along the membrane area. The water flux trends a) and c) are reported as a function of the recovery rate while varying the number of stages. Dashed lines 
represent the co-current and counter-current simulations performed with single stage designs. Panels b) and c) report the variation of (i) the MgCl2/NaPRO DS flow 
rate in percentage and (ii) MgCl2/NaPRO DS mass as function of the number of FO stages included in the system design. Orange values in the right y axis indicate the 
draw solution mass needed to drive the two FO scenarios in single-stage counter-current mode. 
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low total dissolved solids concentration. Considering the nature of the 
draw solution and, ideally, the possibility to uptake large amounts of 
seawater, the simulations were performed with a fixed volume of DS 
entering each stage (equal to 200 m3 h− 1, to be consistent with the 
simulations showed previously). It is worth noting that the multiple 
stage permeation systems in OD works with an amount of the total 
seawater DS proportional to the number of stages, differently from the 
forward osmosis scenarios, in which a fixed DS flow rate is equally 
divided among the stages involved. 

The results of the simulations are reported in Fig. 3. The water flux in 
co-current (1 and multi stage) and counter-current (1 stage) is reported 
as function of the recovery rate (Fig. 3a). Overall, larger water fluxes can 
be achieved in co-current multi-stage operation, leading to potential 
savings in terms of plant size and, hence, installation costs (Fig. 3b). 
Clearly, the gap between the water flux trend between 1 and multiple 
stage configurations is more pronounced in ODCW compared to FOCW 
scenarios. This is due to the higher driving force combined with the 
larger DS flow rates involved when working with seawater as draw so
lute instead of an engineered DS, such as magnesium chloride. Results 
suggest that in 1 stage co-current mode, when treating civil wastewater 
with low salinity level, a large variation of the local water flux along the 
membrane module is observed (black dashed lines in Fig. 2a and b). This 
is ascribed to the large value of osmotic pressure difference between the 
feed and the draw side at the entrance of the module and the low value at 
the exit of the module (as feed water gets concentrated and draw solu
tion diluted). In ODWC, a multi-stage configuration would hence 
represent a promising solution in co-current mode, achieving a more 
uniform water flux along the stages while reducing the environmental 
footprint of the system (Fig. 2b); the proportionally larger volumes of DS 
would not be an issue, given the large availability of seawater. As ex
pected, similar uniformity in membrane performances can be obtained 
in 1-stage counter-current mode but at the expense of a lower average 
water flux, resulting in larger membrane area requirements to obtain the 
same recovery rate (Fig. 2b). It is worth mentioning that, in the presence 
of a reverse osmosis system used to recover the water extracted during 
the FO permeation step, larger volume of diluted draw solutions derived 
from a multi-stage operation approach would potentially affect the 
overall energy cost of the coupled technology. An analysis of the 
coupling of FO with desalination systems is reported below and the re
sults may be adopted to derive the energy needs associated with the 
deployment of an osmotic dilution coupled with RO as well. 

3.4. RO simulations – SEC 

Fig. 4 shows the specific thermal energy consumption SECI of RO 
used as downstream desalination technology for the draw solution 
regeneration. SECI is reported as function of the inlet osmotic pressure of 
the feed solution to be treated (i.e., πfeed) and of the water recovery. The 
latter is denoted by continuous black lines. In detail, SECI values related 
to the single-stage uniform pressure configuration and to the multi-stage 
configuration are reported on the left (Fig. 4a) and on the right (Fig. 4b) 
of the panel, respectively. Without losing generality, the results in 
Fig. 4b refer to the configuration with 3 stages in series. 

The hydraulic pressure applied, evaluated by exploiting Eqs. 4 and 7, 
is reported on the y-axis. These pressure values correspond, applying the 
appropriate unit conversions, to SECI. As the applied hydraulic pressure 
increases, the range of solutions that can be treated widens (namely, 
πfeed increases), although with different water recoveries R, which are 
inversely proportional to the inlet osmotic pressure (i.e., πfeed). 

Calculations were performed considering applied hydraulic pres
sures between 25 and 300 bar, thus also covering unconventional high- 
pressure reverse osmosis systems. Moreover, Δpout, ηpump, ηERD and the 
salt rejection were assumed equal to 10 bar, 0.8, 0.9 and 100 %, 
respectively. The SECI calculated for single-stage RO (e.g., when the 
maximum applied pressure is equal to 80 bar [23]) ranges from 2.22 to 
10.4 kWh m− 3. In this scenario, the water recovery R ranges from 0.98 to 
0.03 and πfeed from 1 to ≈ 60.4 bar, which corresponds to a concentra
tion of 72 and 78 g L− 1 in case of NaCl and MgCl2 aqueous solutions, 
respectively. When the applied pressure is instead equal to 25 bar, the 
SECI ranges from 0.70 to 0.91 kWh m− 3, which corresponds to a water 
recovery equal to 0.92 and 0.24 and a πfeed equal to 1 and 9.48 bar, 
respectively. In case of HPRO, i.e., when the applied pressure ranges 
from 150 to 300 bar, the SECI may reach improbable values of about 
85.4 kWh m− 3. At the lower boundary of this operating range, the 
maximum osmotic pressure of the feed solution is about 124 bar (0.02 ≤
R ≤ 0.99), whilst at the upper boundary πfeed may reach values slightly 
higher than 250 bar (0.02 ≤ R ≤ 0.99). Note that a cut-off value for 
recovery ratio of 0.01 was set, due to the lack of engineering interest of 
conditions beyond this threshold. 

In Fig. 4b, the SECI of the multi-stage configuration is reported. As 
expected, compared to the single-stage RO, the calculated SECI is lower, 
under the same R and πfeed values. In fact, the reverse osmosis process is 
divided into several stages characterized by a different and gradually 
increasing hydraulic pressure, according to the increasing concentration 
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of the treated solution. In case of 3-stage RO, the calculated SECI ranges 
from 0.99 to 10.4 kWh m− 3, considering a value of 80 bar. In this sce
nario, the water recovery R ranges from 0.98 to 0.03 and πfeed from 1 to 
≈ 60.4 bar, as in case of a single stage. When the applied pressure is 
equal to 25 bar, the SECI ranges from 0.48 (i.e. a 30 % reduction 
compared to the single-stage configuration) to 0.88 kWh m− 3 (i.e. a 4 % 
reduction compared to the single-stage configuration), which corre
sponds to a water recovery equal to 0.92 and 0.24 and a πfeed equal to 1 
and 9.48 bar, respectively. 

In case of HPRO, the maximum SECI occurs for significantly lower 
recoveries. In this scenario, the difference between the 3-stage and 
single stage case is minimal and below 1 %. As we move towards higher 
recoveries, the reduction in the energy consumption may reach up to 60 
%. In particular, when the applied pressure is equal to 150 bar, the SECI 
varies from 1.66 to 26.0 kWh m− 3, thus yielding energy savings of 60 % 
and 1 % in the case of lower and higher concentrated aqueous solutions, 
respectively. Finally, it is worth emphasising that the electrical energy 
exploited to power the RO is in theory totally convertible to work, thus 
the specific exergy consumption SECII corresponds exactly to SECI. 

3.5. MD simulations – SEC 

In Fig. 5a, the specific energy consumption (SECI) of an MD process 
used as downstream desalination technology for the draw solution 
regeneration is reported as function of the temperature difference be
tween inlet feed and permeate channel flows (ΔT) and the thermal ef
ficiency (ηmem). Same results are reported in details in Fig. S6 a and c of 
the Supporting Information. In the analysis, ΔT ranges between 10∘C and 
65∘C, while ηmem between 0.4 and 1 [32]. In case of simple configuration 
without the HX, the SECI ranges from 2210 to 1860 kWh m− 3 when ΔT is 
equal to 10 and 65∘C, respectively, and considering ηmem equal to 0.4. 
Assuming an ideal ηmem = 1, the SECI decreases to the following values: 
884 to 744 kWh m− 3 in case of ΔT equal to 10 and 65∘C, respectively. On 
the other hand, if a HX is included, the three-dimensional curve 
describing the potential SECI moves downwards and exhibits a more 
pronounced influence of ΔT, since the latter determines the amount of 
heat that can be recovered before achieving thermal equilibrium with 
the environment. In detail, SECI ranges from 894 to 183 kWh m− 3 for 
ηmem equal to 0.4 and ΔT equal to 10 and 65∘C, respectively. For ηmem 

0.88

0.75
0.63

0.51
0.38

0.26

0.13

0 25 50 75 100 125 150 175 200 225 250

25

50

75

100

125

150

175

200

225

250

275

300

π
feed

  (bar)

A
p
p
li
e
d
 P
r
e
s
s
u
r
e
  
(
b
a
r
)

0.60

1.12

2.07

3.85

7.16

13.30

24.72

45.95

85.40

SEC (kWh m
-3
)

(a)

0.88

0.75

0.63
0.51

0.38

0.26
0.13

0 25 50 75 100 125 150 175 200 225 250

25

50

75

100

125

150

175

200

225

250

275

300

π
feed

  (bar)

A
p
p
li
e
d
 P
r
e
s
s
u
r
e
  
(
b
a
r
)

0.40

0.78

1.53

2.99

5.84

11.43

22.34

43.68

85.40

SEC (kWh m
-3
)

(b)
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equal to 1, it ranges from 363 to 110 kWh m− 3. As a result, depending on 
the choice of the operating parameters (namely, ηmem and ΔT), the en
ergy savings in case of heat recovery range from 60 to 90 % with respect 
to the case without the HX. 

Similarly, the related exergy performance SECII is reported in 
Fig. 5b), being SECII = SECI ηCarnot. The Carnot efficiency is evaluated 

using Eq. 16 and ranges from 0.05 to 0.19 in case of ΔT equal to 10 and 
65∘C, respectively. Same results are reported in details in Fig. S6 b and 
d of the Supporting Information. 

Differently from RO, the exergy consumption of MD to produce a unit 
volume of distillate is lower than the energy consumption, thanks to the 
possibility of harnessing low-temperature waste heat sources. The 
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Fig. 6. Investigation of the coupling between FO and downstream desalination systems, represented by either RO or MD. The influent DS osmotic pressure is reported 
as a function of the number of FO stages considering a) FOCW and b) FOHW scenarios. FO simulations were performed by changing the influent DS flow rate per 
stage. Each square, circle and triangle in a) and b) represent a specific FO system. Triangles reported in squared brackets are representative of the case study 
presented in Figs. 2 and 3, where a draw solution to feed solution flow rate ratio equal to 2 to 1 was deployed. Panels c) and d) are referred to the power consumption 
of reverse osmosis and membrane distillation coupled with forward osmosis, whilst panels e) and f) to the related exergy consumption. Results are reported as a 
function of the number of stages implemented in FO, considering an influent volume flow rate of 80 m3 h− 1 stage− 1. Left panels refer to the FO-RO/MD applied for 
civil wastewater treatment, while right panels refer to FO-RO/MD applied for treating hypersaline solutions. Note that, in the hypersaline case cp/cf was artificially 
set equal to 1, for simplicity. The reason for this choice is merely related to the unavailability of correlations describing the dependence of specific heat on con
centration of NaPRO at high concentrations. 
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configuration without HX shows exergy consumption yields ranging 
from 108 to 358 kWh m− 3 in case of ηmem = 0.4, and from 43.0 to 143 
kWh m− 3 in case of ηmem = 1 (10∘C ≤ ΔT ≤ 65∘C). The configuration with 
the HX shows exergy consumption ranging from 43.5 to 35.2 kWh m− 3 

in case of ηmem = 0.4, and from 17.7 to 21.3 kWh m− 3 in case of ηmem = 1 
(10∘C ≤ ΔT ≤ 65∘C). 

3.6. Envisioned coupling - energy demand 

Additional calculations were performed to investigate the coupling 
of FO with the considered desalination systems for draw solution 
regeneration. The results are reported in Fig. 6. The analysis focused on 
evaluating the power and the related exergy needs to drive the potential 
downstream desalination system, consisting of either a pressure- or a 
thermally-driven membrane process, i.e., reverse osmosis or membrane 
distillation. Since the energy required by the post-process is strongly 
associated with the influent (i) DS osmotic pressure and (ii) DS flow rate 
required to drive the permeation in the forward osmosis step, a first set 
of simulations investigated the variation of these parameters in single or 
multiple stage FO operation. It is worth noting that the simulations were 
performed in accordance with the modeling analysis described above, 
considering the treatment of a fixed amount of feed solution equal to 100 
m3 h− 1. The simulations were performed considering Conf2 as multi- 
stage FO operation, accounting for the promising results reported in 
the previous sections. 

The results are reported in Fig. 6a and b for the FOCW and FOHW 
scenario, respectively. Each square, circle or triangle refers to a specific 
FO system, designed for either wastewater (Fig. 6a) or hypersaline 
(Fig. 6b) water treatment. The modeling analysis was performed by 
increasing the total DS flow rate according to the number of stages 
involved, considering three alternatives: 50, 80, and 125 m3 h− 1 per 
stage. For example, the triangle related to three FO stages means that 
150 m3 h− 1 of draw solution is used in the system per each 50 m3 h− 1 

entering one of the stage, and so on. Different flow rate ranges were 
studied with the aim to understand the relative variation of the influent 
DS osmotic pressures. 

As expected, by increasing the number of FO stages (and hence the 
total DS flow rate deployed in the system), lower influent DS osmotic 
pressures are needed to reach the same water recovery. However, the 
results suggest the existence of a trade-off, where a multiple permeation 
system with more than 8 FO stages would not necessarily translate into 
significant reductions in the influent DS osmotic pressure (hence, draw 
solute concentration). 

On the other hand, a near-exponential trend may be observed while 
decreasing the number of stages below roughly 4. As expected, larger 
concentrations of draw solute are necessary to compensate the larger 
dilution factor of lower DS flow rates during the FO permeation. For 
instance, increasing the number of stages from 1 to 4, thus multiplying 
the total DS flow rates by 4, would require reducing the influent osmotic 
pressure by 30–40 %, from 26 to 16 bar when treating wastewater, and 
from 430 to 290 bar when treating hypersaline water sources. That also 
means that the total mass flow rate of DS would be higher at increased 
number of stages. It is worth mentioning that the simulations were 
performed in co-current and similar discussions are no more valid for 
counter-current systems, where a multiple stage approach would not 
report a potential benefits in filtration conditions. 

The analysis of the power associated with the deployment of 
different downstream desalination systems (RO vs. MD) while varying 
the operating parameters in forward osmosis is reported in Fig. 6c), d), 
e) and f). The results were computed considering an influent DS volume 
per stage equal to 80 m3 h− 1 and the relative FO recovery rates 
considering the FOCW and FOHW scenarios, i.e., 85 % and 60 %, 
respectively. The subsequent RO or MD systems were designed to pro
cess the diluted draw solution coming from the FO unit, with the goal of 
extracting the relative high-quality water filtered during the FO step. 
The energy and exergy analyses performed to investigate the coupling of 

RO or MD with FO in the case of the deployment of 50 or 125 m3 h− 1 

stage− 1 are reported in the Supporting Information (Figs. S7 and S8). 
In detail, Fig. 6c) and d) refer to the power consumption, while 

Fig. 6e) and f) to the exergy consumption in case of wastewater and 
hypersaline water treatment, respectively. The blue areas illustrate the 
power or exergy demand in the case of 3-stage RO process as a function 
of the number of implemented FO stages. The dashed lines delimiting 
such areas refer to ηERD = 1 (lower dashed line) and ηERD = 0.8 (upper 
dashed line). Similarly, the red areas refer to power and exergy demands 
when using the MD process to regenerate the draw solution. The dashed 
lines delimiting the red areas are drawn considering the standard de
viation, which results from efficiency variation in the range 0.4 ≤ ηmem ≤

1. In these calculations, ΔT is kept equal to 65∘C. 
In case of wastewater (see Fig. 6c), the 3-stage RO power con

sumption ranges from 65.4 kW (ηERD = 1) to 79.9 kW (ηERD = 0.8) when 
the FO process involves a single stage, and from 58.5 kW (ηERD = 1) to 
149 kW (ηERD = 0.8) when the FO process involves 8 stages. This dif
ference is ultimately due to the larger draw solute mass involved in a 
multi-stage FO operation, i.e., higher flow rate and/or osmotic pressure 
that needs to be processed in RO, as indicated above. On the other hand, 
the MD process requires 14.1 ± 5.21 MW (the power consumption is 
indicated as average value ± 1 s.d.), in accordance to the fact that MD is 
a more energy-intensive process. Hypersaline solutions (see Fig. 6d) can 
be regenerated by a RO processes, but solely when the number of FO 
stages is more than 4, i.e., in cases whereby the osmotic pressure of the 
draw solution is relatively low (i.e. restricted to the FOHW case under 
consideration). When the FO stages are lower than 4, this coupling turns 
out to be not feasible. As a matter of fact, if the number of FO stages is 
reduced, the volume of draw solution entering the RO module also de
creases while increasing the target recovery in percentage (all other 
chemical and physical operating conditions being equal). It is worth 
noting that a maximum applied pressure of 300 bar was considered here, 
well above the pressures exploited in operational plants. This represents 
a challenge considering the membrane material and the design of the 
module [23]. The RO power demand ranges from 0.45 (ηERD = 1) to 0.96 
(ηERD = 0.8) MW, and from 0.44 (ηERD = 1) to 1.41 (ηERD = 0.8) MW, in 
case of 4 and 8 FO stages, respectively. On the other hand, MD, although 
less efficient, turns out to be a more flexible process with a wider range 
of application. The reason lies in its being a process which occurs at 
ambient pressure. The MD process requires 9.95 ± 3.68 MW. 

As discussed previously, exergy (see Fig. 6e and f) and power con
sumption remain unaltered in the RO case, while MD exergy consump
tion is reduced by about 80 % in both wastewater and hypersaline cases 
because of the Carnot factor. In detail, the MD exergy consumption is 
2.72 ± 1.00 MW and 1.92 ± 0.71, in case of wastewater (see Fig. 6e) and 
hypersaline solutions (see Fig. 6f), respectively. 

Finally, it is worth noting that the maximum recovery achievable in a 
single MD stage is, at best, 10 % (see Fig. S5). Therefore, leveraging the 
action of multiple MD stages placed in series is essential to achieve re
coveries higher than 10 %. In this work, we have assumed that each of 
the MD stages in series requires the same energy consumption, whose 
value lies in the red areas (see Fig. 6). 

4. Discussions and conclusions 

This study reports a comprehensive modeling analysis of forward 
osmosis and its coupling with pressure- and thermally- driven down
stream desalination technologies. The study was performed focusing on 
the energy needs associated with the production of clean water ac
cording to different operating modes. 

First, a system-scale modeling of FO was carried out also evaluating 
two configurations for large-scale applications, characterized by a multi- 
stage operation approach. This was done to understand potential savings 
or optimization in terms of distribution of driving force within the sys
tem. In the model, the flow rates and osmotic pressures of the draw 
solution were varied. Each of these operating condition leads to different 
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energy requirements for the downstream RO or MD steps. Substantial 
differences were observed depending on the feed solution composition 
and the chosen application, i.e., forward osmosis or osmotic dilution. 

In the case of FO deployed for treating of civil wastewater sources, 
results suggest that working with membrane modules in co-current may 
result in a versatile filtration system, thanks to the possibility to operate 
in multiple stages, which instead is not advantageous in counter-current. 
The single-stage counter current mode represents the best solution in a 
traditional configuration (single-stage approach) thanks to the more 
uniform concentration gradients achieved between the feed and the 
draw solution within the system. However, this performance may be 
obtained only by properly setting the operative limits of the relative 
membrane modules. On the other hand, a significant variability in water 
permeation rate may be observed both in co-current (single and multi- 
stage) and counter-current (single stage) modes in the treatment of 
hypersaline solutions. This may be ascribed to the large variation in 
concentration of feed and draw solutions along the membrane modules, 
translating into potential issues for real-scale operation. By maintaining 
unaltered the water extraction capacity in FO, a multi-stage operation 
may be characterized by significant savings in terms of draw solute 
concentration, i.e. osmotic pressure, potentially followed by easier sys
tem maintenance, thus lowering the environmental and operative costs 
of the filtration process. In co-current mode, a multi-stage process would 
be also beneficial by working in osmotic dilution mode with natural DS 
(seawater) for the extraction of clean water from civil wastewater, 
resulting in an increase in water recovery while reducing the footprint of 
the filtration system. However, this can be obtained only at the expense 
of the deployment of a larger DS flow rate. 

Then, reverse osmosis and membrane distillation were investigated 
as potential downstream desalination systems for the regeneration of the 
draw solution, while simultaneously extracting the clean water previ
ously filtered in the FO step. First, energy and exergy analyses were 
performed to study the influence of the operating parameters in pres
sure- and thermally- driven membrane systems, separately. Overall, 
results suggest that the configuration of the subsequent desalination 
system may strongly affect its energy consumption. In reverse osmosis, a 
multi-stage operation would result in a significant SEC reduction 
compared to the 1-stage RO system, mostly when working at higher 
recovery rates or larger applied pressures. The analysis was performed 
considering also unconventional operating parameters, i.e., applied 
pressure above 150 bar, thus covering future potential membrane and 
module development. Looking at this high-pressure RO configuration, 
the maximum SEC occurs for significantly low water recoveries. In this 
scenario, the difference between the 3 stage and single stage case is 
minimal and below 1 %. At higher recovery rates, the reduction in the 
specific energy consumption may reach up to 60 %. 

Then, two different MD configurations were investigated, consid
ering the possible implementation of a heat exchanger (HX) to partially 
recover the heat losses. Without the HX, the energy consumption is 
dictated by the intrinsic efficiency of the membrane, while in MD sys
tems incorporating HXs, the SEC is strongly influenced by the resulting 
temperature difference at the membrane surface, since this determines 
the amount of heat that can be recovered before achieving thermal 
equilibrium with the environment. Therefore, it is of paramount 
importance to highlight that new and innovative membrane materials 
for MD applications should be developed hand in hand with an in-depth 
understanding of the module and system configuration. 

When studying the coupling of FO with RO or MD, the analysis 
showed that an FO-MD configuration would result in a less energy- 
efficient technology than the FO-RO case. This was somehow ex
pected, considering the intrinsic nature of the two downstream desali
nation systems, i.e., MD vs. RO. Interestingly, the FO-MD system is a 
more flexible process, with a wider range of application. This is mostly 
ascribed to the possibility of working with extended salinity levels. 
Indeed, the treatment of hypersaline solutions in FO at fixed recovery 
rates can be accomplished by working with low DS volumes only by 

drastically increasing the influent DS osmotic pressure, and the resulting 
diluted draw solution can be handled only via the thermally-driven 
membrane system. For this specific application, reverse osmosis can 
be deployed only in combination with a multi-stage FO, where a 
decrease in the required DS osmotic pressure is counter-posed by an 
increase of its total influent flow rate. However, the exergetic analysis 
showed that no substantial difference would be observed between the 
implementation of an FO-MD or FO-RO process, differently from what 
observed in the treatment of wastewater sources. For the latter, the 
combination of forward osmosis with pressure-driven membrane pro
cesses results as the best technological option, with an overall specific 
energy consumption two orders of magnitude lower than that needed to 
drive an FO-MD system. 
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[50] B. Peñate, L. García-Rodríguez, Energy optimisation of existing SWRO (seawater 
reverse osmosis) plants with ERT (energy recovery turbines): technical and 
thermoeconomic assessment, Energy 36 (1) (2011) 613–626. 

[51] M. Morciano, M. Fasano, L. Bergamasco, A. Albiero, M.L. Curzio, P. Asinari, 
E. Chiavazzo, Sustainable freshwater production using passive membrane 
distillation and waste heat recovery from portable generator sets, Appl. Energy 258 
(2020), 114086. 

[52] F. Signorato, M. Morciano, L. Bergamasco, M. Fasano, P. Asinari, Exergy analysis of 
solar desalination systems based on passive multi-effect membrane distillation, 
Energy Rep. 6 (2020) 445–454. 

M. Giagnorio et al.                                                                                                                                                                                                                             


	Coupling of forward osmosis with desalination technologies: System-scale analysis at the water-energy nexus
	1 Introduction
	2 Methods
	2.1 Forward osmosis
	2.2 Specific energy consumption of reverse osmosis
	2.3 Specific energy consumption of membrane distillation

	3 Results
	3.1 Preliminary FO simulations
	3.2 Staged operation in FO
	3.3 Staged operation in OD
	3.4 RO simulations – SEC
	3.5 MD simulations – SEC
	3.6 Envisioned coupling - energy demand

	4 Discussions and conclusions
	CRediT authorship contribution statement
	Declaration of competing interest
	Data availability
	Acknowledgments
	Appendix A Supplementary data
	References


