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1. Executive Summary
1.1 Overview and Study Objectives

Eastern Municipal Water District (EMWD) faces a serious disposal issue for brine
produced by their existing and planned primary ground water desalting facilities.
The cost of brine disposal, currently via the Santa Ana Regional Interceptor
(SARI), is expensive. As a result, Carollo Engineers (Carollo) was contracted by
EMWD to research a wide range of existing and emerging water treatment
technologies for the design of a zero-liquid discharge (ZLD) system under a
Bureau of Reclamation (Reclamation) grant. In this report, alternative processes
such as secondary reverse osmosis (RO), electrodialysis reversal (EDR), forward
osmosis (FO), membrane distillation (MD), and seeded RO (slurry precipitation
and recycle reverse osmosis [SPARRO]) were studied by either bench-scale
experiments or pilot plant testing. Subsequent brine minimization techniques,
including brine concentrators (BC), crystallizers (XLZR), evaporation ponds, and
SAL-PROC™, were incorporated into the treatment processes; and overall
economics were calculated through desktop modeling. A cost analysis model
based on individual treatment modules was developed for each process alternative
with a total of 14 process trains evaluated. This cost model will not only benefit
EMWD but will also benefit other local, State, regional, and national agencies
facing brine disposal issues from inland desalination facilities.

The least expensive alternative evaluated was primary RO+softening+EDR+
BC+Evaporation Pond-Disposal (Option 6) at a total annual cost of $5,839,736.
It is interesting to note that for the volume and quality of the brine considered in
this study, there was only a 5- to 7-percent difference in total annual cost between
all treatment trains that result in BC/Evaporation Pond-Disposal and BC/XLZR/
Landfill options. The treatment costs for secondary RO and EDR are nearly
equivalent at $5,868,570 and $5,839,736, respectively, for BC/Evaporation Pond-
Disposal and at $5,954,690 and $5,945,360 for BC/XLZR/Landfill, respectively.
For inland communities where access to the SARI line is not a viable option,
brine minimization by brine concentrators and further crystallization prior to land
filling are comparable to thermal evaporation ponds. Although the capital costs
of BC/XLZR are more expensive than evaporation ponds, operation and
maintenance (O&M) costs for the BC/XLZR alternatives are slightly cheaper
($200,000). In the long run, it could most likely be a “greener” solution than the
upkeep of an evaporation pond—which can occupy as much as 12 acres of land
for the proposed treatment alternatives.

The total costs calculated are the sum of the amortized capital annual costs plus
O&M costs and did not deduct the possible revenue generated from recovered



water through additional brine minimization. Excess SARI capacity was not sold
in the cost calculations; and therefore, the total annual project costs could be less
costly than projected.

Although emerging technologies such as MD and FO are evaluated in this study,
further development remains before these processes can be commercially
available at more competitive pricing in the future.



2. Background

2.1 General Introduction

Eastern Municipal Water District (EMWD) faces a serious disposal issue for brine
produced by their existing and planned primary ground water desalting facilities.
The brine (total dissolved solids [TDS] around 6,000 milligrams per liter [mg/L])
is presently discharged to the Santa Ana Regional Interceptor (SARI) pipeline that
transports it about 50 miles to the Pacific Ocean.

The problem is twofold:

1. The cost of brine disposal via SARI line is expensive and will become
more expensive in the future.

2. There is not enough capacity in the SARI line to handle EMWD’s future
brine production needs.

Total future brine flow is projected to be 6.6 million gallons per day (mgd), which
includes brine from EMWD desalters (4.2 mgd), truck disposal (0.2 mgd), and
two future power generation facilities (2.2 mgd).

As aresult, EMWD has decided to further investigate recovering drinking water
from the primary reverse osmosis (RO) brine stream and converting the entire
system to zero-liquid discharge (ZLD). Today, the technology usually associated
with ZLD systems is expensive and energy-intensive brine concentrators.

The purpose of this project is to evaluate five promising technologies that,
individually or in combination, could act as an intermediate brine treatment step
to further concentrate the existing brine and recover more potable water at a lower
cost. This study involved desktop modeling and bench-scale testing to evaluate
individual technologies, and combinations of technologies, from which the most
appropriate treatment combination could be selected by EMWD for potential
testing. The outcome of this project will not only benefit EMWD but also other
local, State, regional, and national agencies facing brine disposal issues from
inland desalination facilities.

2.2 Justification for Research

As with other inland communities, EMWD is faced with the challenge of assuring
long-term availability of water to a rapidly growing population. One way in
which EMWD has sought to address this need is to increase the number of
brackish wells and treat ground water with RO for potable water supply.



However, as a finite resource, well water cannot be relied on as the sole means of
addressing the water challenges of the Inland Empire. Even in the unlikely event
of inexhaustible water resources, other treatment processes deserve exploration.
This is, in part, due to conventional RO recovery limitations and concentrate
disposal issues such as the cost and environmental well being of receiving bodies.
These alternative means of water recovery are discussed in the following sections.

2.2.1 Recovery Limitations

Currently, EMWD operates two RO plants at a recovery rate of 70 percent.

RO facilities have been known to operate at recoveries in excess of 85 percent
using a typical two-stage membrane array. However, for EMWD’s plants,
recovery is limited by the presence of high concentrations of sparingly soluble
salts in the brackish feed water. The water quality of the well water feed stream is
presented in table 2.1. Key sparingly soluble salt constituents and foulants are
highlighted (e.g., calcium, silica, magnesium [Mg], and sulfate).

Even with additing antiscalant chemicals and operating at 70 percent recovery,
EMWD has seen significant scaling of their membranes, particularly in Train
No. 2 of the Menifee Desalter. The lead and lag elements of the second stage
membranes in this train have lost about 50 and nearly 100 percent of their
permeability, respectively, in less than 2 years of operation.

2.2.2 Concentrate Disposal

Coupled with recovery limitations is the related issue of concentrate disposal. At
the design recovery of 70 percent, a significant volume of water is discharged to
the SARI line. Currently, this is about 2 mgd and will increase to 4.6 mgd when
the third RO facility is constructed. Disposal to the SARI line represents a
significant annual operating cost. Also, due to the concentrating effect on
components such as heavy metals and arsenic (table 2.1), it is conceivable that
EMWD may be required to pay increased costs for ocean discharge via the

SARI line if stricter regulations are applied to discharge water quality in the
future.

2.2.3 Economic Value

Historically, RO concentrate has been regarded as an unfortunate waste
byproduct. Emerging technologies for recovery enhancement have begun to
generate a paradigm shift in regards to this waste. Newer technologies provide
the opportunity to recover more usable water and convert the salts to a revenue-
generating product. As a result, the brine “waste” can now be viewed as a
“resource.” With respect to the RO brine at EMWD’s facilities, preliminary



Table 2.1 Summary of Water Quality Data: Menifee Water Quality1

Primary RO
Parameters Units Plant Feed Water

pH 6.1
Conductivity (at 25 °C) uS/cm 3,476
TDS (at 180 °C) mg/L 2,330
Hardness mg/L 1,300
Alkalinity mg/L as CaCO; 537.5
Calcium mg/L 331
Magnesium mg/L 284
Sodium mg/L 278.7
Potassium mg/L 9.8
Bicarbonate mg/L 662
Sulfate mg/L 580
Chlorine mg/L 565
Fluoride mg/L 0.32
Aluminum Mg/l 78
Arsenic pg/L 7.5
Barium po/L 129
Boron mg/L 0.193
Iron Mg/l 387
Manganese pg/L 115
Silica mg/L 61.2
Strontium Mo/l 1,600
Zinc Mg/l 52
Nitrate as N mg/L 3
Ammonia as N mg/L <0.5
Nitrite as N mg/L <0.01
Total Inorganic N (TIN) mg/L 3.3
TKN mg/L 0.7
Total Phosphate as P mg/L 0.2

toc= degrees Celcius; pS/cm = micorsiemens per centimeter; CaCOs3 = calcium carbonate;
ug/L = micrograms per liter; N = nitrogen.

studies have shown that significant quantities of precipitated calcium carbonate
and magnesium hydroxide could be harvested. These may find use in the paper
and building industry. Generated revenue could be used to offset the costs of
operating brine minimization facilities. What was formerly an operational
liability has the potential to be transformed, if not fully, into a usable resource. In
the long term, this approach is more sustainable when considering environmental
impacts.

Although recovery limitations, concentrate disposal challenges, and economic
concerns provide compelling arguments for exploring brine minimization
technologies, concerns over their high associated costs have limited their testing
and implementation. Most commercially available technologies for brine



minimization are driven by thermal processes, which can result in significantly
greater capital and operations and maintenance (O&M) costs than RO plants. In
addition, while there are nonthermal processes that show promising results, for
now, they remain unavailable for commercial use. These include technologies
such as forward osmosis (FO) and membrane distillation (MD). However, for
inland communities such as those served by EMWD, the cost argument may be
less of a deterrent. Often, the costs to lay pipelines or pay for SARI access from
these remote locations can be comparable to, or even greater than, the costs for
these recovery enhancement technologies. Additionally, SARI disposal costs are
expected to increase over the next few years; and EMWD’s purchasable capacity
will be outstripped by its population growth. These factors underscore the need to
investigate recovery enhancement technologies for future consideration.

The results of this study will assist EMWD in meeting its current and future water
treatment goals in a more environmentally and economically sustainable manner.

2.3 Project Goals and Objectives

The ultimate goal of this project is to research a wide range of existing and
emerging water treatment technologies for the design of a ZLD system, which
may be pilot tested and then ultimately constructed for the production of drinking
water for inland communities within EMWD’s service area. This research will
identify the most feasible of technologies and then evaluate them in terms of
process, applicability, economics, and robustness. It is desirable to develop a
ZLD system that will be more cost effective than current brine discharge to the
SARI line.

Our preliminary investigations have shown there are several candidate processes
that have potential in addressing the brine discharge issues facing EMWD:

e Conventional lime/soda softening followed by secondary desalting
treatment using RO or EDR.

e Seeded RO (or slurry precipitation and recycle reverse osmosis [SPARRO]
process) for treatment of first and second stage RO brine.

e MD or FO for treatment of first stage RO brine.

e Recovering salts using the SAL-PROC™ process by Geo-Processors for
beneficial use in chemical processing industry or water treatment plants.

e Brine concentrators and/or crystallizers to process desalting concentrate to
form a salt that can be disposed of as a solid waste while recovering
additional water.



The objectives for this study are:
1. Provide capital and operating cost estimates for each treatment technology.
2. Develop a mass balance model for each process combination.

3. Based on capital and operating cost estimates for each process combination,
identify preferred alternatives for EMWD’s ZLD system.

2.4 Description of Unit Processes for Brine
Minimization

Historically, desalting technologies have assumed one of two forms: thermal
desalting processes or membrane processes. The former includes brine
concentration and crystallization, which are high-energy technologies that have
traditionally not been feasible for the high-volume/low-cost product generated in
the drinking water industry. The chief membrane desalting technologies have
been restricted to RO and EDR. Their use in the water industry has been well
established, but they produce large volumes of environmentally undesirable saline
waste when operating at standard recoveries of 50 to 85 percent. This has led to
renewed interest in lesser recognized, but equally valid membrane technologies
(FO and MD), which are capable of operating at much higher recoveries and
achieving ZLD opportunities. These and other brine minimization processes are
discussed in detail below.

2.4.1 Chemical Softening and Secondary Desalting

This approach uses a combination of chemical and physical steps to enhance
recovery from brine produced by a primary RO plant. Primary brine is treated
with conventional softening chemicals (such as lime, sodium hydroxide, and soda
ash) to precipitate hardness and other minerals. Recent pilot studies have
confirmed that, at the appropriate pH, silica may adsorb to magnesium hydroxide
precipitates and be removed through co-precipitation. Following settling, the
supernatant is filtered to remove solids carried over from the precipitation step.
Depending on operational conditions, softening pretreatment can remove up to
90 percent of some sparingly soluble salts (Carollo, 2006), often returning the
hardness and silica concentration to that of the original feed to the primary

RO plant.

After softening, water is then fed to a secondary desalting process such as EDR or
RO. The TDS of the softened water is higher than that of primary RO feed and so
the secondary membrane processes are forced to operate at a higher feed pressure,
in the case of RO, or higher electrical potential in the case of EDR. Despite the



increase in the feed water TDS concentration, higher recovery is sometimes
possible in the secondary desalting step because the upstream softening may
result in lower concentrations of scaling precursors than the primary feed.

Limitations of this treatment approach are the production and disposal of
large volumes of solids from chemical softening, the need for high dosages
of chemicals, and the presence of fine solids from the softening step that
can impact downstream process performance.

2.4.2 Reverse Osmosis

High-pressure membrane processes such as RO are typically applied for the
removal of dissolved constituents including both inorganic and organic
compounds. RO is a process in which the mass-transfer of ions through
membranes is diffusion controlled. Consequently, these processes can remove
salts, hardness, synthetic organic compounds, disinfection-byproduct precursors,
etc. However, dissolved gases such as hydrogen sulfide (H,S) and carbon
dioxide, monovalent ions such as chlorine (Cl) and sodium (Na), and some
pesticides pass through RO membranes. Nanofiltration (NF), like RO, is a
diffusion-controlled process; but NF membranes have a higher salt passage and
lower rejection of monovalent ions (Na', Cl)) than RO membranes. Figure 2.1
presents the process and instrumentation diagram of a high-pressure RO pilot
plant.'

These technologies are usually expensive in terms of capital and operational costs
for single contaminant removal but can be cost effective and provide substantial
benefit when multiple contaminants are present in a water source. It is noted that
the concentrate stream from NF/RO processes will contain high levels of rejected
species and will require proper management and disposal.

NF/RO processes that use spiral-wound membranes are easily compromised by
the presence of particulate matter. Particulate matter can become entrained within
the interstitial spaces of membrane channels and result in colloidal fouling. This
material may be removed through membrane cleaning, but this cleaning is done at
the expense of operation time. To prevent colloidal fouling, feed water is
required to have a turbidity value below 0.5 nephelometric turbidity unit (NTU).
At this low value, a more precise measure of the suspended solids content of

RO feed water is the unit-less silt density index (SDI). An SDI of less than 3 is
considered optimum for RO operation.

! Source of all figures is Corollo Engineers and Eastern Municipal Water District, unless otherwise
noted.
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Figure 2.1 High-pressure membrane schematic.



Major limitations of RO processes are the limited recoveries (50-85 percent)
dictated by the presence of large concentrations of sparingly soluble salts in the
feed water and concentrate disposal challenges (both with respect to volume and
components of the waste).

2.4.3 Electrodialysis Reversal

Electrodialysis reversal (EDR) is an electrochemical separation process that
allows selective passage of ions, or charged species, in solutions. Only anions, or
negatively charged ions, can pass through an anion exchange membrane, while
cation exchange membranes transport positively charged ions, or cations. lons
are transferred through ion exchange membranes by means of direct current (DC)
voltage and are removed from the feed water as the current drives the ions
through the membranes to desalinate the process stream.

EDR units utilize membrane stacks with electrical stages. Each electrical stage
also has two corresponding hydraulic stages. Water passes through each electrical
stage twice to provide greater residence time for ion transfer. Essentially, an
electrical stage is composed of one cathode and one anode separated by a series of
cationic and anionic membranes and spacers. Electrodes are comprised of
platinized titanium with a rare earth paint layer. Both cation and anion-transfer
membranes are acrylic backed. Anionic membranes deflect positively charged
cations and attract negatively charged anions, while the cationic membrane allows
the passage of cations and rejects anions. Membranes are separated by spacers to
separate both brine and product water streams.

EDR systems reduce the fouling tendencies of the water by reversing the polarity
of the electrodes every 15 to 20 minutes. This change in polarity causes the scale
to disassociate from the membranes. Figure 2.2 depicts the overall schematic of
the EDR process.

Along with driving forces for demineralization, an important distinction between
EDR and RO processes is that EDR membranes are not scaled by silica. As

an uncharged molecule (less than pH=9), silica flows past the membranes with
the permeate water and is, therefore, not concentrated in the brine stream. Conse-
quently, EDR can be more cost effective for treating water where silica levels
limit recovery. The EDR process is more tolerant of suspended solids than spiral-
wound membrane RO systems and require feed water with a turbidity less than

2 NTU. As with RO, the concentrate stream of EDR processes contains ions well
in excess of their solubility product. As a result, further recovery by membrane
processes is not economically feasible without some post-treatment of this brine.
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Figure 2.2 Schematic of electrodialysis process.

2.4.4 SPARRO (Seeded RO)

Seeded RO is a hybrid of conventional RO technology. It incorporates the
recirculation of seeded slurry through the RO system, promoting homogeneous
nucleation and precipitation from a solution. This process was developed to
concentrate mine process water high in calcium and sulfate ions (Ca>” and SO4)
and was termed the SPARRO process. Seed crystals (typically gypsum) are
introduced to the feed stream, which is then pumped into tubular RO membranes.
As the water is concentrated along the membranes, the solubility products of
calcium sulfate (CaSQ,), silicates, and other scaling salts are exceeded; and they
preferentially precipitate on the seed material rather than on the membranes. A
schematic of the seeded RO process concept is shown in figure 2.3. In water
treatment, food-grade gypsum (anhydrous calcium disulfate) is used as the initial
source of seed crystals to precipitate CaSO4. The growing seed is recirculated
through the system and removed in a controlled manner to maintain the desired
concentration.

Concentrate containing seed crystals is processed in a cyclone separator to
separate the seeds, and the desired seed concentration is maintained in a reactor
tank by controlling the rate of wasting the upflow and/underflow streams from the
separator. The technology has been tested at pilot scale for treating cooling tower
blowdown (O’Neail et al., 1981) and highly scaling mine water (Juby, South
Africa, 1996) and more recently using primary and secondary brine from the
EMWD ZLD pilot project (September to November, 2006).
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Figure 2.3 Schematic of seeded RO process concept.

2.4.5 Membrane Distillation

MD is a low-temperature separation technology that takes place through the pores
of a hydrophobic microporous membrane. The driving force for separation is a
vapor pressure gradient, which is generated by facilitating a temperature
differential across the membrane. The volatile components of a heated-feed
solution evaporate and pass through the pores to condense in a cold distillate
stream on the permeate side. Typically, the process is used to separate volatile
solutes such as volatile organic compounds (VOCs) from aqueous solutions.
However, for aqueous feeds with nonvolatile solutes, only the volatile solvent
(water) passes through the membranes; and the distillate is comprised of
demineralized water. Fundamental criteria for MD are that the membrane must
not be wetted and only vapor and noncondensable gases can be present within its
pores. MD has demonstrated excellent ability to retain nonvolatile solutes and
generate a nearly pure demineralized stream. Figure 2.4 presents an overview of
the MD process.

MD technology has been around for 40 years, has been the subject of numerous
academic studies, but has yet to see commercial use. Primary limitations to
commercial application are lower flux compared to more conventional membrane
separation technologies and the lack of membranes optimized for MD processes.
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The recent resurgence of interest in MD may be attributed largely to the
opportunity it presents to achieve ZLD. Two modifications in MD technology,
direct contact membrane distillation (DCMD) and vacuum enhanced direct
contact membrane distillation (VEDCMD), have increased its efficiency in
demineralizing a concentrate stream. In DCMD, a hydrophobic membrane
separates the hot feed from the cold distillate; and the volatile component of the
feed evaporates through the membrane pores. In VEDCMD, a vacuum is placed
on the permeate side to lower absolute permeate pressure. Since transfer occurs
down the vapor pressure gradient, from high to low, the vapor pressure gradient is
increased resulting in higher water (vapor) flux.

Figure 2.4 Schematic of membrane distillation process.

It is important to note that unlike RO and FO, MD processes are not selective for
any particular ions; membranes are only a physical support for the vapor-liquid
interface.

2.4.6 Forward Osmosis

Osmosis is the movement of water through a selectively permeable membrane
from a region of low solute (high water) concentration to one of higher solute
(low water) concentration. Two streams (a concentrate and dilute stream) are
generated because the membrane rejects ions and most solute molecules but
allows the passage of water. The driving force for mass transport is the osmotic
potential gradient, which dictates that water moves from low to high osmotic
potential. In reverse osmosis, hydraulic pressure is used to oppose and exceed the
osmotic pressure of the “concentrated” solution so that water moves in the reverse
direction against the osmotic potential gradient (from high to low solute
concentration). FO is another separation technology that is based on the osmotic
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pressure of a feed solution. However, unlike RO, FO generates pure water by
enhancing, rather than impeding, the osmotic pressure gradient between two
aqueous solutions. Separation is driven by the osmotic pressure differential
between a feed and a draw solution, and water moves according to its natural
tendency from low to high osmotic potential. Figure 2.5 presents an overview of

FO technology.
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Figure 2.5 Schematic of FO process.
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The draw solution is placed on the permeate side of the membrane and is diluted
as water diffuses from the feed side into the permeate stream. The main criteria in

the choice of a draw solution are as follows:

1. It must have a higher osmotic pressure than the feed.

2. It must have low or no toxicity.
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3. It must be chemically nonreactive with polymeric membranes.

4. It must easily separate the water from the solvent.

Sodium chloride (NaCl) is often used in studies because of its high solubility and
the relative ease with which it may be separated from the product fresh

water, enabling the draw solution to be re-concentrated and reused. FO presents
a number of advantages over RO:

1. Low to no hydraulic pressure required.
2. Higher rejections for a wide range of contaminants.

3. FO has been shown to have a lower propensity for membrane fouling.

Like MD, the study of FO has been restricted to the bench-scale level where flat
sheet membranes and, to a lesser extent, tubular membranes have been used to
demonstrate the effectiveness of FO. These membranes lend themselves to the
FO application because they allow liquids to flow freely on both sides, which is a
necessary flow characteristic for FO. A review of the literature shows that using
FO technology in large-scale applications suffers from two major limitations:

1. The lack of available robust optimized membranes.

2. The slow development curve in the production of draw solutions that can
induce separation and yet be amenable to low-energy separation from the
product fresh water.

With increased attention on addressing these limitations, FO will emerge as a
viable alternative in the suite of membrane technologies used in the drinking
water industry.

2.4.7 Residual Recovery (SAL-PROC)

SAL-PROC is one of the newer entries into the drinking water industry. Itis a
proprietary technology combination developed by Geo-Processors USA, Inc.
(Glendale, California) and includes several processing steps. The process enables
the selective and sequential extraction of dissolved constituents from a saline feed
in the form of valuable chemical byproducts in crystalline, slurry, and liquid
forms. The process uses multiple evaporation and/or cooling steps, supplemented
by conventional mineral and chemical processing steps. The technology is based
on simple closed-loop processing and fluid-flow circuits, which enable the
comprehensive utilization of inorganic saline streams to recover valuable mineral
and chemical products. Recent large-scale pilot systems have demonstrated the
technical feasibility of the process to produce a number of valuable chemicals
from one or more waste streams while achieving ZLD. The chemicals typically
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harvested from saline streams are gypsum-magnesium hydroxide, magnesium
hydroxide, sodium chloride, calcium carbonate, sodium sulfate, and calcium
chloride. These can be sold to a number of industries, generating an income
stream from what was formerly a waste product. In this way, the waste is
transformed into a resource, and the revenue generated may be used to offset
operational costs of the facility.

2.4.8 Brine Concentrators

Brine concentrators (BC) are mechanical evaporators that are commonly used in
the power industry to further concentrate cooling tower blowdown before final
disposal. Most concentrators work on single-effect evaporators, which use steam
to heat brine solutions and promote water evaporation or operate on an electrically
powered vapor compressor. Heat released from condensing steam is transferred
to the brine solution via a heat exchanger, which boils the brine solution. Brine
concentrators may use multiple stages to increase the overall efficiency, and
economy, of the treatment process. Advantages of using brine concentrators
include producing high-purity distilled water that has monetary value, as in the
case of drinking water production. Figure 2.6 presents an overview of a brine
concentrator. In addition, water evaporators are not dependent upon climatic
conditions. Furthermore, evaporators are very effective at reducing brine
solutions to very concentrated levels; TDS levels may be as high as 250,000 mg/L
at a recovery of 90 to 98 percent.

Distributor

Collectjon
Pipe

Flood Box Insert
& Strainer Tubesheet
Condenser =—————p: Vent Tube

Brine Distribution System

o > Condensate
and Vent

Waste

Recirculation Pump

Figure 2.6 Schematic of brine concentrator (graphic courtesy of GE/lonics).
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Since such concentrated brines may be produced, the reject brine tends to be very
corrosive and requires that evaporators be constructed of very durable and high-
quality materials such as high-grade stainless steel and titanium. These costly
materials drive up the capital cost of concentrators. Capacities of commercially
available brine concentrators range from 10 to 700 gallons per minute (gpm)

(1 mgd) with estimated energy consumption of approximately 90 kilowatthours
per 1,000 gallons (kWh/1,000 gal). Resulting brine streams may be discharged to
an evaporation pond, the SARI line, or trucked off site.

2.4.9 Crystallizers

Crystallizer (XLZR) technology has been used for many years to concentrate feed
streams in industrial processes. More recently, as the need to concentrate
wastewater has increased, this technology has been applied to reject from
desalination processes, such as brine concentrate evaporators, to reduce
wastewater to a transportable solid. Crystallizer technology is especially
applicable in areas where solar evaporation pond (see section 2.4.10) construction
cost is high; solar evaporation rates are low; and where deep-well injection is
costly, geologically not feasible, or not permitted. The crystallizer converts the
remaining waste to water that is clean enough for reuse in the plant and solids that
are suitable for landfill disposal. Figure 2.7 presents an overview of a crystallizer.

4— Mist Eliminator
E Steam Cavity
4— Vapor Body

Reticulation
Pump

Figure 2.7 Schematic of brine crystallizer (graphic courtesy of GE/lonics).
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Crystallizers used for brine disposal range in capacity from about 2 to 50 gpm.
These units have vertical cylindrical vessels with heat input from vapor
compressors or an available steam supply. For small systems in the range of 2 to
6 gpm, steam-driven crystallizers are more economical. For larger systems,
electrically driven vapor compressors are normally used to supply heat for
evaporation.

For RO concentrate disposal, crystallizers would normally be operated in
conjunction with a brine concentrator evaporator to reduce brine concentrator
blowdown to a transportable solid resulting in a ZLD system. Crystallizers can be
used to concentrate RO reject directly, but their capital cost and energy usage is
much higher than for a brine concentrator of equivalent capacity (Mickley, 2001).

2.4.10 Evaporation Ponds

Evaporation ponds can be the final disposal point in a desalination treatment train
once the brine stream has been concentrated to a manageable volume.
Evaporation ponds use solar energy to heat and evaporate water from brine
solutions, depositing salts in ever-greater concentrations on the pond floor. This
form of treatment is advantageous in the Southwestern part of the United States
where evaporation rates are high (50 to 100 inches per year) and in those areas
where land is relatively inexpensive. Evaporation ponds are relatively easy to
construct, easy to maintain, and have low operational costs (mainly the pumping
of brine solution to ponds). However, evaporation ponds eventually have to be
capped or have the solids removed for land filling once storage capacity has been
exhausted.

Evaporation ponds are already used extensively in salt production facilities.
However, when used in drinking water production, evaporation pond sizes may
become relatively large, even in arid climates, if the volume of brine to be
disposed is high. A large evaporation land area not only directly increases land
purchase costs, but it can greatly increase construction costs due to the cost of
pond liners, usually required for permitting. Monitoring wells are also likely to
be required for meeting the permit requirements. Therefore, evaporation pond
costs become excessive when the waste flow rate exceeds about 0.2 mgd
(Mickley, 2001).

The evaporation rate for saline waters is lower than that for fresh water.
Therefore, a newly created evaporation pond will experience a greater rate of
evaporation than an aged system. However, this should not discourage the use of
pond evaporation since that even at concentrations of greater than 250,000 mg/L
TDS, brine solutions will evaporate at approximately 80 percent of that of fresh
water. In addition, local wind velocities tend to increase evaporation rates in
ponds.
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Past work in the construction of evaporation ponds has shown that water depths
should be about 1 to 18 inches for optimal evaporation of water. However, other
factors must be considered in the construction of ponds including the provision of
adequate storage for water surges, rain water, salt buildup, and adequate freeboard
for wave action—the latter resulting from windy conditions at the pond site.

Cost drivers for evaporation pond systems are the local evaporation rate and
climate, the concentrate volume, land and earthwork costs, liner costs, and the
salinity of the concentrate, which determines the useful life of the ponds. The
main cost variable is the evaporative area, and the largest individual cost is
frequently the liner cost, where double layers are required.

2.5 Subcontractors

Carollo performed the technical investigations for this project including seeded
RO, secondary softening RO, EDR, and overall analysis. To assist with the
project, Carollo employed the following subcontractors:

1. Geo-Processors completed a desktop study of the application of its
technologies on two different water qualities with the objective of providing
a preliminary benefit/cost analysis for a comparative evaluation with other
brine treatment alternatives.

2. HPD-Veolia Water Solutions completed an initial cost estimate of their
concentrator and crystallizer system used to treat two different brine
streams. Veolia provided information on operation and maintenance costs,
energy requirements, and capital costs.

3. University of Nevada, Reno, performed bench-scale studies on MD and FO.
The objectives of these studies were to confirm the technical viability and
the operating and capital costs of the MD and FO processes.
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3. Technical Approach

3.1 Project Implementation Plan

There are several processes in various stages of development that could
potentially treat brine from a primary desalting process to produce a zero-liquid
discharge system. These processes have been identified and were discussed in
section 2.4. A six-step approach was used to achieve the goals on this project.

Step 1 — Identify the potential processes
Step 2 — Develop operating criteria
Step 3 — Develop operating cost data
Step 4 — Develop capital cost estimates
Step 5 — Develop process combinations

Step 6 — Evaluate process combinations and select preferred alternative

3.1.1 Introduction

The overall approach for this project was one of desktop modeling evaluations
coupled with some bench-scale tests and pilot-scale tests to verify global process
criteria and performance on different concentrations of RO brine.

The brine stream (Brine A) produced from EMWD’s primary RO process had

a TDS of approximately 6,000 mg/L and underwent softening to be used

as feed water to a secondary RO pilot and/or EDR unit. The brine stream
produced from the secondary RO pilot was designated “Brine B” and had a

TDS concentration of approximately 18,000 mg/L. The brine concentrate

from EDR was similar in composition to “Brine B” and was assumed to be the
same for subsequent desktop modeling exercises. “Brine C” was the concentrate
produced from the SPARRO treatment using “Brine B” as the feed water and
resulted in a TDS concentration of approximately 22,000 mg/L.

As discussed in section 2.3, there are several other candidate processes to treat the
primary RO brine produced from EMWD’s desalter, such as forward osmosis

and membrane distillation. Samples of “Brine A” and “Brine B” were used as
feed water to FO and MD bench-scale testing and tested for maximum allowable
recovery and membrane performance. The compositions for both “Brine A” and
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“Brine B” were also sent to Geo-Processors USA to be modeled as feed to their
SAL-PROC technology to obtain a recommended process stream for salt and
water recovery.

Concentrate discharges from the pilot studies (RO, EDR, and SPARRO) and
bench-scale experiments (FO and MD) could be processed downstream for further
water recovery to achieve zero-liquid discharge. These downstream processes
included a combination of brine concentrator and/or crystallizers, evaporation
ponds, and direct discharge to the SARI line. Brine composition and volume
information were sent to manufacturers to obtain accurate price quotes specific to
this project.

Each brine treatment process is treated as a block with associated capital and
operating cost information in our desktop model. Different process blocks were
combined to form alternate treatment trains in the model, and the resulting costs
were compared for the most viable brine treatment train. The nature of the
experiments conducted and the assumptions for our desktop cost model will be
presented in detail in subsequent sections.

3.2 Pilot Studies

3.2.1 Chemical Softening and Secondary Desalting

Figure 3.1 presents the overall process flow diagram of the pilot plant that was
part of the California Department of Water Resources Prop 50 “Desalination
Recovery Enhancement and Concentrate Management” study conducted at
EMWD. Menifee brine (Brine A) was pumped at 20-50 gpm through buried lines
from the Menifee desalter building to the California Department of Water
Resources (DWR) Prop 50 pilot plant slab. A preliminary softening and
clarification step using a USFilter ZIMPRO unit was followed by conventional
dual-media filtration to remove suspended solids. The ZIMPRO unit consisted of
rapid mixing and flocculation tanks followed by a lamellar flow inclined plate
settling basin mounted above a sludge hopper.

The brine stream first entered the rapid mixing chamber where it was dosed at
between 600 and 650 mg/L with 50-percent caustic soda to achieve an elevated
pH between 9.5 and 10.0. Anionic polymer at 0.5 to 1.0 mg/L was added to the
flocculation tank to encourage agglomeration of flocs. As water from the
flocculation tank flowed through the inclined plate settler, insoluble salts of
calcium carbonate and magnesium hydroxide formed and settled in the
clarification section. During the testing phase, additional downstream solids
removal steps were added (quiescent settling and filtration) to remove solids that
did not settle in the clarifier.
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3.2.2 Reverse Osmosis

Softening effluent required the dosing of 25-percent sulfuric acid to adjust the pH
to a more neutral value (pH 7.0) before treatment with RO and EDR units. The
RO skid-mounted pilot plant was purchased from Harn RO Systems and consisted
of two stages of RO membranes, organized in a 2:1 array of three- and four-
element pressure vessels operated in series. The particular array was selected to
mimic the configuration of primary desalter.

RO membranes were selected on the basis of chemical compatibility with the
membranes in use at EMWD’s Menifee and Perris desalters and Carollo’s

RO pilot-skid pressure vessels. As a result, the pilot membranes chosen were
Dow Filmtec™ XLE-4040 spiral wound 40-inch (length) by 4-inch (diameter)
membrane elements. Vitec 3000 from Avista was selected as the antiscalant for
this study and added to the feed at a dose of 4.0 mg/L.

3.2.3 Electrodialysis Reversal

For the pilot project, EDR was tested using the mobile lonics piloting platform,
Aquamite V. This unit is in a trailer cargo container with dimensions 20 feet long
by 8 feet wide by 12 feet tall. The unit used a single EDR membrane stack with
two electrical stages. Each electrical stage also has two corresponding hydraulic
stages. Water passes through each electrical stage twice to provide greater
residence time for ion transfer. Water developed within the concentrate cell pairs
is recirculated back to the concentrate system in a concentrate loop. A small
booster pump is used to circulate the concentrate loop until the salts become
supersaturated and a portion of the loop must be removed, which creates a reject
stream. This process of brine removal is referred to as brine “blowdown,” and the
dilution and replenishment of the brine loop is referred to as “brine makeup.”

EDR cathode and anode operation alternated every 15 to 30 minutes by reversing
the polarity or direction of the current flow. This aided in preserving the integrity
of the membranes by preventing scale buildup. During charge reversal,
approximately 30 to 45 seconds, water was not to specification and was diverted
as a waste stream.

Other specific attributes of the lonics pilot EDR used for testing included:

1. A production rate of 18,000 to 20,000 gallons per day (gpd) with a water
recovery of 75 to 80 percent.

2. Voltage regulator for simulating a two-stage, three-stage, or four-stage
EDR unit.
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3. Feed water pump, EDR membrane stack, and chemical feed systems.

4. Dedicated programmable logic controller (PLC) and data logger for EDR
pilot control and operation. The EDR pilot will operate independently of
the overall pilot process control panel.

Figure 3.2 is a photograph of the pilot plant equipment.

Figure 3.2 Site layout of RO skid, Zimpro softening unit, and EDR trailer.

3.2.4 SPARRO (Seeded RO)

In seeded RO experiments, the need to circulate gypsum slurry within membranes
confines using membrane configurations to those that will not plug, namely,
tubular membrane systems. There are a limited number of tubular membrane
manufacturers; and for this work, tubular NF membranes were supplied by Koch
Membrane Systems (San Diego, California).

Koch Membrane Systems does not currently manufacture a tubular RO mem-
brane; hence, an NF membrane was used. Each 150-inch membrane module was
a self-contained pressure vessel. The NF membrane module had an active
membrane area of 28 square feet (ft*) (2.6 square meters [m*]) with typical
operating pressures between 220 to 510 pounds per square inch (psi). To produce
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a typical permeate flow of about 1,000 gpd, 18 tube lengths were connected end
to end within each module, with one inlet and one outlet per module.

Figure 3.3 presents an overview of the batch-testing arrangement used for the
seeded RO process testing. Brines A and B were tested in the seeded RO system.
Preliminary experiments conducted with unsoftened Brine A produced
inconsistent results; and hence, Brine B was tested extensively. First, the batch-
feed tank was filled with 120 gallons of the brine to be tested. Commercial
gypsum powder (CaSO4.2H,0) was then added to the brine to produce the desired
concentration of gypsum slurry (10-18 grams per liter [g/L]). The brine and
gypsum slurry was then pumped though the Koch tubular membranes using a
high-pressure positive displacement pump. The feed entered the membranes at a
pressure of between 200 and 600 psi. Permeate produced from the membrane
vessel was removed from the process and sampled periodically for laboratory
analysis.

Gypsum Blowdown

T

SAANAN—DK]

Pressure Reduction and Flow Control

Batch Feed

Tank
~ § g Koch - Tubular NF Membrane

High Pressure
Feed Pump

Permeate

Figure 3.3 Seeded RO process testing setup.

The concentrate stream leaving the membrane vessel was piped through a
pressure reducing system and then through a flow control valve. Low-pressure
concentrate was returned to the batch tank. The solution in the batch tank became
more concentrated with time to allow the system to simulate operation at different
water recovery levels. Solid gypsum was not removed from the system, and the
gypsum concentration in the feed solution increased with time.
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3.3 Bench-Scale Studies

The scope of services performed by the Membrane Research Group at the
University of Nevada, Reno, included bench-scale testing, evaluation of
VEDCMD, and FO, for the concentration of Brines A and B. Modeling efforts on
their part included cost estimates for a brine flow rate ranging from 0.4 to 1 mgd.

3.3.1 Membrane Distillation
Membrane distillation experiments were conducted with three types of
membranes:

1. Capillary membranes in a tube-and-shell configuration to allow for
tangential flow on both the feed and permeate sides of the capillaries.

2. Flat-sheet polypropylene membranes (GE Osmonics, Minnetonka,
Minnesota).

3. Flat-sheet polytetrafluoroethylene (PTFE) membranes (GE Teflon®
Laminated Membrane, GE Osmonics, Minnetonka, Minnesota).

The performance of the VEDCMD process was evaluated under various operating
conditions using a bench-scale membrane test unit. A schematic of the bench-
scale apparatus used in the VEDCMD investigation is illustrated in figure 3.4.
Warm (40 and 60 °C) feed solution was circulated on the feed side of the
membrane, and deionized water at a cooler temperature (20 °C) was circulated
counter currently on the support side of the membrane. As water evaporated
through the membrane, the concentration of the feed stream slowly increased, and
the water level in the permeate reservoir slowly increased. Excess water
overflowed the permeate reservoir and was continuously collected. The change in
weight of the collection tank was recorded and used to calculate water flux and
recovery. The permeate conductivity was monitored in order to calculate salt
rejection. MD experiments were stopped when substantial flux decline was
observed.

To treat scaling during experiments, four liters of deionized water was flushed
through the feed side of the system to remove loosened precipitates. Two liters of
an ethylenediaminetetraacetic acid (EDTA) cleaning solution was then recycled at
2 liters per minute (L/min) on the feed side of the membrane for 30 minutes. The
system was then stopped, and the membrane was soaked in the cleaning solution
for 1.5 hours. Subsequently, the feed channel was flushed with 8 liters of
deionized water at 2.5 L/min.
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Figure 3.4 Bench-scale setup for vacuum enhanced direct contact membrane
distillation.

A mathematical model was developed by the University of Nevada, Reno, to
describe the pilot-scale VEDCMD process operated with commercial capillary
polypropylene Microdyn membrane elements (MD020-CP-2N, Microdyn,
Germany). Because there are no commercial membrane manufacturers for MD, a
hydrophobic microfiltration membrane with a 0.2-micrometer nominal pore size
was used. The numerical model developed considered both physical and
thermodynamic forces and described the effects of both vacuum and flow velocity
on the flux of water vapors across the membrane. Several membrane modules
were modeled in series with feed reheating stages between membranes and once-
through flow of cold water on the permeate side of each membrane element.

3.3.2 Forward Osmosis

The FO process performance was evaluated using a bench-scale membrane test
unit coupled with a special pilot-scale RO system used to continually concentrate
the draw solution (DS) at constant concentration (see figure 3.5). The feed
solution, Brine A or Brine B, was circulated at 1.5 L/min on the feed side of the
FO membrane, which was a flat sheet cellulose triacetate membrane. A sodium
chloride draw solution at a concentration of 50,000 £3,000 mg/L was circulated
counter to the current at 1.5 L/min on the support side of the membrane.

The water level in the feed reservoir declined, and the TDS concentration of the
feed stream increased as water from the brine diffused through the membrane into
the draw solution. The change in brine volume was monitored and used to
calculate water flux, recovery, and feed concentration. The feed solution was
circulated on the feed side until water flux was substantially reduced. The

DS inlet concentration was chosen to be 50,000 mg/L, and the feed concentration
was 7,500 mg/L TDS for Brine A and 20,000 mg/L TDS for brine B, respectively.
The DS and feed inlet flow rates were chosen arbitrarily and then adjusted to
achieve the predetermined recovery.
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Figure 3.5 Schematic of forward osmosis testing system.

Membrane cleaning experiments conducted without the pilot-scale RO system to
maintain the DS concentration were used to investigate the effectiveness of
membrane cleaning. The membrane samples were analyzed by scanning electron
microscopy (SEM) to determine the major constituents of membrane surface
scale.

A model was developed by the University of Nevada, Reno, to estimate the
energy demand and major operating costs required to treat 1 mgd of brackish
water RO brine at a total water recovery of 70 percent. The Excel-based model
was used in conjunction with a commercially available RO model (reverse
osmosis system analysis [ROSA], Dow-Filmtec, Midland, Michigan). The

FO model was developed as a vessel containing two membrane elements
connected in a series. The number of vessels used in parallel was determined
using the amount of brackish water to be processed and the expected water
recovery. The model did not account for concentration polarization,
temperatures, and scaling effects. Subsequently, the outlet DS concentration and
flow rate were used as inputs into ROSA where a one-stage membrane array was
modeled. The feed concentration was obtained from the FO model, and the
permeate stream was the final product water. The RO system recovery was
determined based on requirements to produce a reject stream concentrated to

50 g/L NaCl. The SW30HR LE-400i (Filmtec) spiral wound RO membrane
element was selected for the model. The model RO system was then scaled up to
produce product water at a total recovery of 68 percent with varying input
capacities.
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3.4 Desktop Modeling

Some of the ZLD processes considered for this project were analyzed as part of a
desktop studies. Equipment suppliers and patent holders on the following
processes were contracted to provide cost data and estimates of system
effectiveness in reducing brine streams.

3.4.1 Residual Recovery (SAL-PROC)

As part of the EMWD/Reclamation component of brine concentration studies,
Geo-Processors USA, Inc., (Geo) was engaged to perform a desktop pre-
feasibility study of the application of the SAL-PROC™ process for recovery of
useful byproducts and to achieve a ZLD. A nominal 1-mgd flow rate was used
for analysis for this desktop study.

Brine water quality data was transmitted to Geo for evaluating the SAL-PROC™
process to treat and recover valuable byproducts from two reference brine streams
with significant differences in their salinity and chemical makeup. In addition,
Geo developed the recommended ZLD processing schemes for further
consideration by EMWD as cost-effective RO brine management options.

Based on a 1-mgd flow rate, the annual salt load of Brines A and C were
approximately 10,000 and 34,000 tons per annum, respectively. These salt loads
were considered in this study as one of the parameters for conceptual design and
sizing of the SAL-PROC plants and followup cost estimations.

The study was conducted by inputting the nominal concentrate flow and loadings
into desktop modeling software developed by Geo to identify a number of
technically feasible ZLD process systems. Each of the process systems

defined by the SAL-PROC™ model is comprised of two subsystems, including
one or more selective salt recovery steps that are linked with RO desalination,
thermo-mechanical brine concentration, and crystallization steps. The desktop
modeling exercise enabled the selection of the most appropriate ZLD process
schemes as recommended options for the two reference brine streams. The
selected ZLD systems were to utilize multiple reaction steps using lime and soda
ash reagents to produce carbonated magnesium, calcium carbonate, and a mixed
salt. The systems were to recover a large percentage of the flow as potable water.
In addition, a crystallizer was proposed in preference to evaporation ponds to
minimize space requirements.

3.4.2 Brine Concentration and Crystallizer
HPD-Veolia Water Solutions was provided with water quality data for Brine A
(primary RO brine) and B (secondary RO concentrate produced from caustic/soda
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ash softening of Brine A). Veolia Water Solutions responded with budget
estimates for treating both brine streams using a combination of BC only and
brine concentrator/crystallizer (BC/XLZR) for treatment capacities ranging from
0.125 to 1 mgd.

3.4.3 Evaporation Ponds

An Excel-based model was developed based on a report from Reclamation
(Mickley & Associates, 2001) and an in-house cost analysis previously developed
at Carollo Engineers (2004). This model was used to estimate evaporation pond
costs using the local (Eastern service area) net evaporation rate of 70 inches per
year (Lee et al., 1992).

3.5 Development of Cost Estimates

Costs for treatment alternatives were developed in terms of capital and

O&M costs. Costs were based upon recent projects, vendor information,

and standard cost estimating curves. The actual cost of a project can vary
based on the material specified, labor, competitive market conditions, and
other variable factors. For these reasons, it is possible that actual construction
costs may vary from the conceptual estimates shown herein.

3.5.1 Cost-Curve Assumptions

In the development of cost curves for each treatment option for various capacities,
some common cost variables were assumed for each process. The list of
assumptions is presented below:

1. Based on field tests and experimental results, 70-percent recovery was
assumed for secondary RO, FO, and MD.

2. Arecovery of 75 percent was assumed for EDR operation.
3. A recovery of 60 percent was assumed for the seeded RO process.

4. Market price for water regenerated: $549 per acre-foot based on
EMWD quoted values.

5. The average annual interest rate is assumed to be constant at 6 percent over
a loan period of 20 years for the calculation of annualized capital costs.

6. Cost of electricity: $0.12 per kWh.

7. Disposal cost of residuals solids to landfill: $50 per ton based on past
EMWD projects.
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8. Labor cost: $47.75 per hour.

Percentages (typically part of total direct costs) used in the development of cost
estimates for this study were:

1. Interconnecting pipework: 12.50 percent.

2. Electrical and instrumentation: 18 percent.

3. Engineering: 15 percent.

4. Legal and administration: 10 percent.

5. Contingency: 25 percent.

The costs presented are in February 2007 dollars (Los Angeles ENR” = 8,871)
and are not escalated for future construction or operation.

>ENR is a periodical, Engineering News Record, which published construction cost
indicies. The ENR construction cost index for Los Angeles is 8,871 as of February 2007.
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4. Results and Discussion

4.1 Primary Brine Water Quality

As expected, the Menifee brine (Brine A) is extremely hard water with significant
scaling potential. Hardness and silica averaged 3,500 mg/L as calcium carbonate
and 160 mg/L as silica, respectively. The greatest contribution to hardness was
calcium ions, which contributed to over 70 percent of the hardness of the primary
brine. Silica consisted almost exclusively of dissolved silica. Other constituents
such as iron, manganese, and heavy metals were present in sufficiently low
quantities in that they were not expected to pose a scaling threat to the secondary
RO membranes, even at the desired recovery level of up to 75 percent. As
anticipated, the TDS content of the raw brine was extremely high, ranging from
4,320 to 7,930 mg/L. Table 4.1 presents the average Brine A water quality based
on samples collected over a 6-month period as part of the pilot testing of the
softening and secondary desalting processes. The table also includes detailed
chemical analyses for Brines B and C. Grab samples were collected three times
per week over a 6-month period in half-gallon bottles by Carollo and delivered to

the EMWD lab for water quality analysis.

Table 4.1 Summary Water Quality Data for Three Brine Types’

Detection Brine A Brine B Brine C
Parameter Units Limit? |1° RO Brine | 2° RO Brine | SPARRO Brine
pH pH units - 7 7.2 7.2
Total Alkalinity mg/L as CaCOs; 3 652 188 259
Chlorine mg/L 1 2,439 9,891 10,598
Sulfate mg/L 1 462 2,202 3,338
Calcium mg/L 1 994 2,200 1,550
Hardness® mg/L as CaCOs; 3,470 6,222 11,000
Magnesium mg/L 1 234 614 684
Dissolved Silica mg/L as silicon 165 166 230
dioxide (SiOy)

Sodium mg/L 10 873 4,142 5,476
Total Dissolved Solids mg/L 25 5,701 18,605 22,264
Electrical Conductance uS/cm 1 8,900 30,309 45,267

! Calculations assume values for nondetect results are at the detection limit. Calculations are
based on EMWD lab analysis for the period June 23, 2006, to December 4, 2006. Reported values
are average values from multiple data sets, wherever possible.

> Based on reporting detection limit as provided by EMWD laboratory.

® Reported hardness of 23,000 mg/L as CaCO; on November 1, 2006, omitted as aberration.
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4.2 PILOT STUDIES

The results presented in this section are summarized from the preliminary results
obtained from a project partially funded by the California DWR being undertaken
by EMWD on testing of chemical softening followed by RO and EDR.

4.2.1 Chemical Softening and Secondary Desalting

The chemical softening process was described in section 3. Table 4.2 presents a
summary of the average water quality before (Brine A) and after chemical
softening for selected parameters. Values are based on 6 months of operating
data.

Table 4.2 Summary of Selected Water Quality Results from Chemical Softening

Raw Primary RO
Brine Feed (Brine A) Softened Brine
Parameter Units (Average) (Average)
pH — 7.0 6.6
Bicarbonate mg/L 792 73
Total Alkalinity mg/L as CaCO; 652 67
Chlorine mg/L 2,439 2,341
Sulfate mg/L 462 495
Calcium mg/L 994 334
Magnesium mg/L 234 138
Total Hardness mg/L as CaCO; 3,470 1,399
Dissolved Silica mg/L as SiO, 165 48
Total Dissolved Solids mg/L 5,701 4,501

As summarized in table 4.2, the chemical softening process was very effective at
reducing the influent calcium concentration by approximately 66 percent to an
average of 334 mg/L. Likewise, the influent silica concentration was reduced by
approximately 70 percent to an average of 48 mg/L. Magnesium was reduced by
approximately 41 percent throughout the softening tests and was required for
silica precipitation. The reduction of calcium and silica was key in determining
the success of the softening step. The silica concentration in the softened water
was at a level comparable to the raw well water that feeds the primary RO plant,
which was important so that secondary RO recovery would not be significantly
limited. Altogether, the reduction in calcium and magnesium resulted in an
overall reduction in hardness of about 60 percent. Overall, the TDS reduction
was more than 1,000 mg/L.

Softened water quality was used in the ROSA software to provide a preliminary
estimate of the level of recovery that could be obtained by the downstream
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secondary RO process. The models predicted that the secondary RO process
could operate at up to about 75-percent recovery. This recovery was higher than
that of the primary RO plant.

Overall, the chemistry of the chemical softening process confirmed that reduction
of calcium and silica could be obtained. Operation of the pilot plant did indicate
that significant challenges associated with this process are the removal of the
residual fine solids in the softened water that can impact the downstream
treatment processes, as well as handling the large volumes of sludge produced by
the softening step. Further work is planned to specifically address these
challenges.

4.2.2 Reverse Osmosis

Initially, the RO pilot plant was operated at a modest recovery of approximately
40 percent. However, the recovery was quickly increased so that, for most of the
RO operation, recovery was above 70 percent, with the highest recovery achieved
around 78 percent. Figure 4.1 shows the variation in recovery with operating
time.

Table 4.3 shows the average quality of RO permeate based on between 20 and
30 data points for the parameters shown. The secondary RO was able to produce
a high quality permeate stream (TDS less than [<] 300 mg/L) which could be
recovered as potable water.

Table 4.3 Summary of Selected Water Quality Results for RO Permeate

RO Permeate Number of
Parameter Units (Average) Samples
pH — 5.6 14
Bicarbonate mg/L 4 30
Total Alkalinity mg/L as CaCO; 4 31
Chlorine mg/L 166 17
Sulfate mg/L 2 17
Calcium mg/L 1 27
Magnesium mg/L 1 27
Nitrate (as NO,) mg/L 23 17
Sodium mg/L 94 27
Dissolved Silica mg/L as SiO, 1 27
Total Dissolved Solids mg/L 282 31
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Operating data showed that the first stage RO membranes did most of the
treatment work. This was particularly true as the recovery level increased. Given
that the feed TDS to the membranes was about 4,500 mg/L, the TDS leaving the
first stage membranes was over 12,000 mg/L at a recovery of about 70 percent.

At the start of the project, it was not clear what recovery would be achieved on
the RO pilot plant, and a recovery of 60 percent was considered reasonable. The
RO pilot commissioned was designed for a 65-percent recovery, and the
maximum operating pressure was pre-set to a maximum of 250 psi. The success
of hardness removal in the softening step was beyond our expectation and
increased RO recovery to 65 (and sometimes 70) percent. Estimates of the first
stage osmotic pressure showed that operating pressures could be over 200 psi;
thus, there was little driving pressure for the second-stage membranes. Pushing
the feed pressure over 250 psi would result in triggering the alarm of the RO skid
and, ultimately, shut off the system. Consequently, controlling the operation of
the second stage was difficult, as the permeate flows were very low at the higher
recovery values.

The first-stage membranes maintained salt rejection throughout the operating
period. However, there was an upward trend in the feed pressure to the first-stage
membranes, indicating that some fouling had occurred. The net permeate
production from the first-stage membranes indicated a gradual downward trend,
supporting the conclusion that the membranes were fouling.

4.2.2.1 Membrane Autopsies

Separate cleaning events were conducted on both membrane stages, although
cleaning did not seem to noticeably improve the membrane performance for any
significant time. Upon completion of pilot testing, the lead and lag elements from
each of the two stages were removed from the vessels and sent to Filmtec
Corporation for testing. These four elements were selected since they were
expected to show the incremental deterioration of the membranes along the train.

The membranes were subjected to three different tests. The first test was a
nondestructive test for observation of the physical integrity of the element and
visually identifying potential foulants. Elements were visually inspected noting
any differences from the new product. Stress marks were visible on the feed side
product water tubes of both lead elements (stages 1 and 2). With the exception of
stage 1-lead, which had a yellowish foulant on the membrane surface, the outer
surface of the membranes and the membrane leaves were covered with a white,
“gritty” foulant. The amount of white foulant was more visible on the second-
stage elements than first, indicating that these membranes were subjected to a
greater degree of colloidal fouling. The white foulant was partially removed with
acid.
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The second test was a Filmtec brackish water baseline test. This test uses a
2,000-mg/L NaCl solution at 77 degrees Fahrenheit (°F) with an applied pressure
of 150 pounds per square inch gauge (psig). With the exception of stage 1-lead
element, all elements exhibited a severe decline in permeate flow, as compared
to product specification. Permeate flow of the stage 1-lead was nearly 98 percent
of the expected value. By comparison, permeate flow from the stage 1-lag,

stage 2-lead, and stage 2-lag elements were less than 30 percent of the expected
value. The stage 2-lag element in particular was completely fouled, and permeate
flow was only 1 percent of that of a new element. Similar trends were observed
with the salt rejection capacity of the membranes; the stage 1-lead element
preserved its salt rejection capacity (100 percent of new element), while the
capacity of the other three elements was severely impaired, as low as 10 percent
in the stage 2-lag element. The pressure drop across the lead elements compared
favorably with specifications, while the lag elements experienced very high
pressures under the test conditions, 1.6 times and 2.4 times specification for
stages 1 and 2 elements, respectively.

Finally, membrane coupons were analyzed for metals via inductively coupled
plasma in a third test. Levels of calcium, magnesium, sodium, and silica foulants
were found to be 24.5, 21.6, 137.2, and 3,282 milligrams per square meter,
respectively. The silica value is significant since it shows the severe amount of
silica scaling experienced by the membranes. A section of the membrane was
also scraped to accumulate enough of the gritty white foulant for testing. The
white salt was determined to be calcium sulfate.

It is clear that the membranes experienced extreme fouling with respect to
colloidal fouling (silica) and calcium sulfate scaling. During pilot testing, it was
observed that early caustic soda and hydrochloric acid cleaning cycles were
capable of restoring permeability to the membranes. This was not sustained for
any significant period; and towards the end of testing, it was nearly impossible to
restore permeability. The membrane autopsy results suggest an explanation for
this observation. In the early phases of testing, calcium sulfate was the primary
cause of permeate flow decline. Since it responded well to cleaning, permeability
could be restored with cleaning. Towards the end of testing, silica scale
dominated; and the cleanings were no longer effective in restoring membrane
permeability.

In general, membrane fouling was attributed to poor RO influent water quality in
terms of particulate matter. Frequent upsets of the upstream softening and
filtration processes led to solids carryover into the RO unit. This resulted in the
RO unit receiving water that was out of specification in terms of SDI (< 3).
Towards the end of the pilot testing, the problems associated with upstream
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conventional softening were mostly resolved. However, by this time, colloidal
and silica fouling had irreversibly damaged the membranes.

4.2.3 Electrodialysis Reversal

The EDR unit was operated for 106 hours in the 168 days of pilot operation. This
unit arrived onsite later than the RO plant and required some maintenance soon
after startup to deal with the high TDS feed water.

The initial pilot test plan had proposed blending softened water with raw brine to
feed the EDR membranes. This was theoretically possible because, unlike the
RO membranes, EDR membranes are not affected by the high silica level present
in the primary RO plant brine (Brine A). However, this approach was not
successful due to the release of gas from the primary RO brine in the feed lines of
the EDR unit, which caused hydraulic control problems. Thus, for essentially all
of the operating time on the EDR unit, the plant received softened water.

As discussed in chapter 3, the EDR plant was provided with a stack that consisted
of four hydraulic stages and two electrical stages. For the first phase of operation,
recovery exceeded 80 percent during both positive and negative polarities. In the
later phase of operation, recovery was maintained at approximately 60 percent
and 75 percent during negative and positive polarities, respectively.

During early operation, the rejection of the EDR process was relatively low and
averaged only 70 percent. As a result, the permeate conductivity exceeded

2 uS/cm for this period, translating to a TDS of nearly 1,400 mg/L. However,
after electrical setpoint changes were made to increase the voltage across the first
stage of membranes, the rejection improved. Rejection increased to 85 percent;
and permeate conductivity initially fell to less than 600 uS/cm (approximately
400 mg/L of TDS). Table 4.4 shows the average quality of the EDR permeate
for the entire operating period. The average TDS is a lot greater than that of
the RO process, due to some high values before the EDR electrical stages were
modified. During the latter operating phase of the plant, the TDS averaged

415 mg/L, which could be recovered as potable water.

During startup operation, stage voltages were set at 75 and 65 volts for stages 1
and 2, respectively. Voltages were reset to 130 and 75 volts during the second
stage of operation to facilitate increased rejection of the membranes. A natural
consequence of the increased voltage across the membranes was an increase in the
calculated resistance.

The EDR unit was not run long enough to determine the long-term operating
impacts of the higher voltage on the membranes and potential fouling by the feed
water. Future tests are planned to assess long-term fouling.
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Table 4.4 Summary of Selected Water Quality Results for EDR

EDR Permeate Number of
Parameter Units (Average) Samples
pH — 7.2 5
Bicarbonate mg/L 116 7
Total Alkalinity mg/L as CaCO; 120 8
Chlorine mg/L 611 7
Sulfate mg/L 57 7
Calcium mg/L 222 8
Magnesium mg/L 66 8
Nitrate (as NO3) mg/L 13 7
Sodium mg/L 396 8
Dissolved Silica mg/L as SiO, 52 7
Total Dissolved Solids mg/L 415 9

Based on the results of this study, the EDR recovery is assumed to be 75 percent,
and it is assumed that a similar permeate water quality (in terms of TDS) to the
RO process could be obtained. EDR stack operating pressures, stack voltages,
and amperage readings from the pilot plant were used as a basis for calculating
the operating costs of the system.

4.2.4 SPARRO (Seeded RO)

A summary of the water quality for the feed water to seeded RO treatment (i.e.,
Brine B — prior to seeding), product and brine (i.e., Brine C) are presented in
table 4.5.

Table 4.5 Summary of Water Quality Data for Seeded RO Process on Brine B

Feed Brine
Parameter Units (Brine B) Product (Brine C)

TDS mg/L 18,605 10,423 22,264
Na* mg/L 4,142 1,677 5,477
ca” mg/L 2,200 950 1,550
Mg mg/L 614 280 684
cr mg/L 9,891 5,723 10,599
S0~ mg/L 2,202 615 3,338
HCOg mg/L 223 97 316

From the secondary RO process, brine B has a calcium sulfate precipitation
potential of 150 percent prior to seeded RO treatment, which indicated that the
feed solution was supersaturated with respect to gypsum. In figure 4.2, the net
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driving pressure and the osmotic pressure of the system is plotted against
operating time. In conventional RO processes, data analysis is predicated on the
system operating at either constant flux or constant feed pressure. If constant flux
is established, the feed and transmembrane pressures increase in response to
membrane fouling. The reverse is also true; if feed pressure is kept constant,
fouling is evidenced by a decrease in flux. For seeded RO experiments, the net
driving pressure showed a linear increase from 210 to 290 psi as operating time
increased from 0 to 180 minutes, since the increase in osmotic pressure of the
solution from 160 to 216 psi necessitated higher pressure to push the brine
through the membrane to obtain constant flux. Seeded RO experiments were
performed for a total of 180 minutes, and aliquots of the feed, product, and brine
were analyzed for the composition. There were instances where the solution level
in the tank dropped to below operable limit by 180 minutes, and no sampling
could be performed. At the time when brine composition data was sent to Geo-
Processors for SAL-PROC™ desktop modeling, the most complete set of data
available was for T=120 minutes; and hence, all experiments and desktop
modeling based on Brine C composition was for T = 120 minutes.
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Figure 4.2 Seeded RO net driving and osmotic pressures for Brine B.
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The normalized permeate flux in figure 4.3 showed a relatively constant
production rate of water throughout the process.
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Figure 4.3 Seeded RO permeate flux and rejection for Brine B.

An overall rejection of 50 to 60 percent was achieved by the seeded RO system.
The membrane specific flux is illustrated in figure 4.4. Membrane specific flux is
defined as the normalized flux divided by the net driving pressure. While the flux
remained relatively constant, the net driving pressure increased due to osmotic
pressure; and as a result, the membrane specific flux decreased over time.

The highest recovery that was achieved during operation was about 60 percent,
as shown in figure 4.5. The seeded RO is, in essence, a batch operation with
recycle; and, hence, a linear trend in recovery from 0 to 60 percent was observed.
The recovery was limited by the size of the equipment and not by membrane
scaling. After 180 minutes of operation, the feed volume in the tank had
decreased to about 40 gallons. At this tank volume, the impeller on the tank
mixer was no longer totally submerged; and therefore, the system had to be

shut down to prevent settling of the gypsum seed crystals. In a larger-sized
plant, it is expected that recoveries of over 60 percent can be obtained. For cost
modeling in the subsequent portions of this study, the 