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H I G H L I G H T S  

• New multipass module designs for membrane distillation are proposed 
• Thermal energy consumption of the proposed modules is studied as function of module design parameters and flow arrangement 
• The proposed designs demonstrate up to 35 % less thermal energy consumption than the conventional single pass design 
• The proposed designs exhibit productivity several times higher than the traditional single-pass design  
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A B S T R A C T   

Membrane distillation (MD) is an interesting process for desalination; however high thermal energy consumption 
remains one of the main obstacles in its widespread adoption. The current study presents multipass hollow fiber 
membrane modules to improve thermal efficiency of MD process. Fundamentally three module designs are 
considered: conventional one shell and one tube (fiber) pass (A), 1 shell and multiple tube passes (B/C) and equal 
but multiple shell and tube passes (D). The performance of the proposed designs is analyzed as a function of 
length of each pass, number of passes and operating conditions by using Aspen Plus simulator. The results 
demonstrate that the traditional design A yields the highest flux — up to 92 % higher than the multipass design 
D. On the other hand, the multipass design D is the most energy efficiency and shows up to 35 % less thermal 
energy consumption than the conventional single pass design of the same length. Single shell and multiple tube 
pass designs (B/C) show higher flux than D; however, their specific thermal energy consumption remains the 
highest among all the designs investigated. The pressure drop in multipass modules was marginally (1.5 %) 
higher than the conventional single pass modules.   

1. Introduction 

Membrane distillation (MD) has gained significant interest for 
desalination and related applications [1]. The process operates with 
thermal energy supplied to generate vapor from a solution which is in 
contact with a microporous hydrophobic membrane. The vapor pass 
through the membrane pores while the solution, along with the non- 
volatiles, is retained by the hydrophobic membrane. MD has been 
extensively researched during the last two decades for the development 
of appropriate membranes [2–4], process understanding and improve
ment [3,5–9], new applications [10–13] and novel schemes and strate
gies to improve the energy efficiency of the process [14–19]. Flat sheet 
membranes have been dominating the pilot and commercial-sale ap
plications of MD; however, hollow fibers are gaining significant 

attention due to their self-supporting structure, high packing density, 
and large membrane surface area [20]. 

Despite promising studies carried out at lab and pilot-scale, high 
thermal energy demand of MD remains the bottleneck in widespread 
commercial adoption of the process [21,22]. This is particularly appli
cable for the direct contact MD (DCMD) which is the simplest configu
ration of MD but suffers from high thermal conductive losses due to the 
direct contact of feed and permeate streams with opposite sides of the 
membrane. A proven solution to decrease the net thermal energy con
sumption of MD is to recover the latent heat of condensation as sensible 
heat to preheat the feed in multi-stage arrangements [23–25]. In this 
context, the length over which feed and permeate streams stay in contact 
with the membrane plays an important role i.e., long the length, higher 
the temperature of the permeate stream that can be eventually used to 

* Corresponding author. 
E-mail address: aa@bio.aau.dk (A. Ali).  

Contents lists available at ScienceDirect 

Desalination 

journal homepage: www.elsevier.com/locate/desal 

https://doi.org/10.1016/j.desal.2022.116239 
Received 22 August 2022; Received in revised form 25 October 2022; Accepted 3 November 2022   



Desalination 548 (2023) 116239

2

transfer heat to the feed stream [26]. Long contact lengths also use 
thermal energy of feed more efficiently that eventually contributes to 
lowering the energy consumption of the process [27,28]. This aspect has 
been highlighted in some of the recent publications on module designs 
for large-scale MD applications. Winter et al. studied the effect of 
channel length of DCMD modules on the gain to output ratio (GOR), a 
measure of how much freshwater is produced by the latent heat of 1 kg 
of heating steam [29]. The authors noted that GOR can be increased up 
to 3 times by increasing the flow channel length from 1 to 7 m. Ruiz- 
Aguirre et al. also reported the similar observations: the specific ther
mal energy consumption (STEC) of MD decreased from 296 to 107 kWh/ 
m3 by increasing the channel length from 1.5 to 5 m [30]. Ali et al. 
demonstrated that the STEC of DCMD can be reduced up to 23 % by 
increasing the channel (module) length from 1 to 10 m [31]. In a study 
performed on air gap MD, STEC reduced from 374 to 200 kWh/m3 by 
increasing the channel length from 3.5 to 10 m [28]. 

The conventional hollow fiber membrane module for MD is a shell 
and tube arrangement where hot feed and cold permeate streams, 
generally flowing in countercurrent mode, exit the module after 
completing one pass. An optimum channel length for hollow fiber 
membrane modules for MD is dependent upon the process and mem
brane parameters and our previous studies demonstrate that its value 
can exceed several meters [31–34]. However, currently there are no 
hollow module designs available to accommodate long module lengths. 
Manufacturing of long hollow fiber membrane modules is challenging 
due to certain design and manufacturing-related constraints. In long 
modules, fibers can touch each other to reduce the effective membrane 
area [35] and entire surface of the fiber may not be exposed to the shell 
side fluid in case of direct contact membrane distillation [36]. The hy
drodynamics in long modules are also difficult to maintain at the desired 
uniform level, particularly at shell side [36]. Additionally, the long fiber 
lengths may not be suitable for the situations where the available space 
is limited. Due to these constraints, commercial hollow fiber membrane 
modules are generally around 1 m in length [38,39]. Thus, the con
ventional single-pass hollow fiber membrane module design for MD is 
not suitable to accommodate long fiber lengths which limits the energy 
efficiency of the existing designs. Connecting multiple modules in series 
is the current norm to achieve large effective module length; however, it 
increases physical footprints of the process, decreases productivity per 
module, and may cause additional issues such as leakage from the 
connections [40]. 

To address the aforementioned issues, the relevant solutions from 
process industry can be adopted. For heat exchangers, multipass designs 
have been suggested to achieve various heating/cooling requirements 
[41,42]. Multiple passes can be incorporated on shell as well as on tubes 
side. After completing one pass, the fluid reverses its direction within the 
heat exchanger. In case of tubes, the fluid leaves the tubes after 
completing each pass and is reintroduced into the tubes to commence 
the next pass. To reverse the fluid direction on shell side, a longitudinal 
baffle is introduced into the shell so that the fluid flows above and below 
the baffle during the consecutive passes. Such designs are a proven so
lution in process industry to reduce the overall length of heat exchangers 
by several times [42–44]. 

Inspired from the concept of multi-pass heat exchangers, the current 
study investigates innovative multipass hollow fiber membrane modules 
for DCMD. Unlike the traditional single pass design, the proposed de
signs allow packing long fibers within a given module length that results 
into lower STEC of the process and improved productivity. The study has 
been performed by considering single shell and multiple tube passes as 
well as multiple shell and tube passes (maximum 8 at each side). In a 
single shell and multiple fiber passes configuration, the effect of varying 
the fluid arrangement (1st or 2nd pass in cocurrent) has also been 
investigated. The initial analysis has been conducted for the two-pass 
(on fiber and/or shell sides) modules by considering relatively long 
(2.5–5 m) pass lengths. Later in the manuscript, the analysis has been 
extended to study the modules performance, in terms of STEC, as a 

function of number of passes on shell and fiber side, length of each pass 
and operating conditions including feed temperature and the ratio of 
feed to the permeate flow rate (F/P). 

2. Materials and methods 

2.1. Module configurations considered 

Different MD module designs, like the multipass heat exchangers, 
have been considered. The first design configuration (A) is a conven
tional hollow fiber membrane module (Fig. 1 (a) and Fig. A1 (a) in the 
Appendix) where the permeate and feed flow in the module in coun
tercurrent directions and exit the module hereafter. The second design 
configuration (Fig. 1 (b) and (c)) represents 2-1 arrangement where the 
fluid introduced inside the fiber flows in half of the fibers during 1st pass 
and changes its direction before flowing into the other half of the fibers 
during the 2nd pass. The direction can be changed by looping back the 
fibers as suggested in literature [45] or by introducing the cover cap as 
applied for heat exchanger applications [42,46]. The fluid in the shell 
flows only once in this configuration. The fluid inside the fibers can have 
either 1st pass as cocurrent and the 2nd pass as countercurrent to the 
permeate (Fig. 1 (b)) or the other way around (Fig. 1 (c)). In this study, 
these designs are named as designs B and C, respectively. In the last 
design (D), both feed and permeate streams have two passes in pure 
countercurrent configuration (Fig. 1 (d)). For the configurations shown 
in Fig. 1 (b)–(d), the number of passes can be extended to any value; 
however, in practical applications, the number will be restricted due to 
the corresponding pressure drop associated with long flow lengths [34]. 
In this study, the maximum 8 number of passes with the maximum pass 
length of 2.5 m have been analyzed. The feed temperature has been 
varied from 50 to 80 ◦C and the effect of F/P ratio has been investigated 
by changing the ratio from 1 to 7. 

For the initial analysis (Section 3.1) of temperature profiles and 
overall flux, the length of each pass has been fixed at 2.5 m and the feed 
with an inlet temperature of 80 ◦C and inlet velocity of 0.1 m/s has been 
introduced. Permeate inlet temperature and velocity were kept constant 
at 25 ◦C and 0.1 m/s, respectively, for all the configurations. Thus, to 
keep the feed inlet velocity (Vf) same in all the module configurations, 
the membrane area is the lowest for configuration A with respect to the 
other configurations due to only one pass involved in this configuration. 
In the configurations B, C and D, the membrane area in each pass is equal 
to that for the configuration A i.e., the total membrane area (or number 
of fibers) in each of these configurations is twice compared to the 
configuration A. It implies that, for the same packing density in all the 
configurations, shell side cross flow area for the permeate stream will be 
double in the configuration B and C. Thus, to keep the permeate inlet 
velocity equal to that in configuration (A), the proportionally high 
permeate flow rate must be introduced in the configurations B and C. 

Theoretical and experimental investigations for the model validation 
(see Appendix) are carried out by using PP hollow fiber membrane 
purchased from Membrana GmbH. Overall porosity (ε), average pore 
size (r) and thickness (δ) of the membrane are 73 %, 0.2 μm and 450 μm, 
respectively. 

2.2. Model development 

The details about the model development have been described 
elsewhere [33]. The procedure has been explained briefly here. Equa
tions describing heat transfer in MD can be written as: 

JH = H
(
Tfm − Tpm

)
= JMΔhv +

km

δ
(
Tfm − Tpm

)
(1) 

Here JH is the heat flux (J/(m2⋅s)), H is the overall heat transfer 
coefficient (W/m2⋅K), Tfm and Tpm are the membrane surface tempera
tures (K) on feed and permeate sides, respectively, ΔhV is the latent heat 
(J/kg) of water vapor, km is thermal conductivity (W/m⋅K) of the 
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membrane and has been calculated using the following correlation [2]: 

km = kp(1 − ε)+ kgε (2)  

where kp and kg represent the thermal conductivities of polymer and gas 
(air) inside the pores, respectively. 

Mass transfer flux across the membrane can be written as: 

JM = C
(
Pfm − Ppm

)
(3)  

where C is the vapor permeability coefficient of the membrane, Pfm and 
Ppm (Pa) denote the vapor pressures at the membrane surfaces at the feed 

and permeate sides, respectively and can be calculated by using the 
Antoine equation as following: 

Pm,f/p = exp
(

23.1964 −
3816.44

Tm,F/P − 46.13

)

(4) 

The average pore size of the membrane considered in current study is 
close to the mean free path of water vapor (~0.11 μm [47]), therefore, 
combined Knudsen-molecular diffusion model has been considered in 
the current study to calculate C. 

Fig. 1. Various module designs considered in the current study. (a) traditional single pass configurations where feed and permeate flow in pure countercurrent (b) 
two feed pass configuration where first pass is in cocurrent with the permeate and 2nd one is in countercurrent (c) two feed pass configuration where first pass is in 
countercurrent with the permeate and 2nd one is in cocurrent (d) feed and permeate are in countercurrent in two passes (e) schematic of membrane module and heat 
and mass transfer in an element from the module used in the modeling. 
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C =

[
3τδ
2εr

(
πRT
8M

)1/2

+
rδPaRT
εPDM

]− 1

(5)  

where τ is the membrane tortuosity factor, R is the universal gas constant 
(J/K⋅mol), T is the temperature (K) inside the membrane which is taken 
equal to the average of the temperature at the membrane surfaces, M is 
the molecular weight of water (kg/mol), Pa is the air pressure in the 
membrane (Pa), P is the total pressure inside the pore (Pa), and D is the 
diffusion coefficient of water vapor (m2/s). Pa was taken equal to the 
atmospheric pressure and the diffusivity (product of P and D) of water 
vapor through the air present inside the pores was calculated according 
to the following correlation [48]: 

PD = 1.895× 10− 5T2.072 (6) 

τ was calculated by using the ε according to the following correlation 
[49]: 

τ =
(2 − ε)2

ε (7) 

In DCMD, two liquid streams with different temperatures are in 
contact with two opposite sides of membrane therefore, due to the heat 
transfer through conduction and convection, the temperature of feed 
stream at the membrane surface is less than its corresponding value in 
the bulk while permeate at membrane surface has higher temperature 
than its corresponding value in bulk. Heat transfer within the two 
channels can be described as following: 

JH = hf
(
Tf − Tfm

)
(8)  

JH,p = hp
(
Tpm − Tp

)
(9)  

here hF and hP (W/m2⋅K) are the film heat transfer coefficients of the 
feed and permeate sides, respectively, whereas TF and TP are the bulk 
temperatures of the feed and permeate streams, respectively. hF and hP 
are essential to determine the temperatures at the membrane surfaces. 

For the type of membrane and module considered in this study, the 
following correlations were found to be the most suitable to calculate 
the Nusselt number and, thereupon, the corresponding heat transfer 
coefficients [19,26]. These were therefore used in the study. 

Lumen side: 

Nu = 3.66+
0.19Gz0.8

1 + 0.117Gz0.467

(
μ

μW

)0.14

(10) 

Shell side: 

Nu = 0.16Re0.6Pr0.33
(

μ
μW

)0.14

(11)  

where Nu, Gz, Re and Pr are Nusselt number, Graetz number, Reynolds 
number and Prandtl number, respectively. 

Heat transfer coefficient is linked with the Nu and channel diameter 
Dc (m) as following: 

hp/f =
Nuf/p.K

Dc
(12)  

where K is thermal conductivity of the fluid inside the channel. 
Temperatures at the membrane surface on feed and permeate sides 

can be calculated by using the operating temperatures and different heat 
transfer coefficients as following: 

Tfm = Tf −
(
Tf − Tp

)
1/

hf
1

hv+hm
+ 1

hf
+ 1

hp

(13)  

Tpm = Tp +
(
Tf − Tp

)
1/

hp
1

hv+hm
+ 1

hf
+ 1

hp

(14)  

where hm and hv are the heat transfer coefficients of membrane and 
vapor, respectively. 

Temperature profiles along the modules were calculated by per
forming the energy balance on two consecutive elements along the 
module that can be expressed with the following equation: 

(nπDinΔL)JH =

⎧
⎪⎨

⎪⎩

WFCP,F

[
T (i− 1)

F − T (i)
F

]

WPCP,P

[
T (i)

P − T (i+1)
P

] (15)  

where WF and WP are the mass flow rates (kg/s) of the feed and permeate 
streams, respectively, whereas CP, F and CP, P are the heat capacities (J/ 
kg⋅K) of the feed and permeate, respectively. 

STEC in kWh/m3 is calculated by using the following expression: 

STEC =
WFCP,F

(
Tfin − Tfo

)

3600.JM .A
(16)  

where A is the total membrane area. 
In cases where the permeate outlet temperature exceeds the feed 

outlet temperature by >5 ◦C, the heat recovery from the permeate 
stream was accomplished by partly heating the feed stream before 
reintroducing into the module. Thus, in these cases, the net STEC was 
calculated by subtracting the recovered heat from the externally sup
plied heat input calculated through Eq. (16). 

The flowsheet simulation was developed using the commercial 
software Aspen Plus V8.8. The physicochemical properties for water 
were correlated by the “ELEC-NRTL” model. The schematic of module 
and an element from the module taken for the analysis has been shown 
in Fig. A1 [33]. The simulation of the MD module was developed using 
the Aspen user customized unit model based on the model demonstrated 
above. In all cases, the Fast Newton method was chosen to calculate 
models due to its short calculation time. For estimation and optimiza
tion, the Hypsqp optimizer was adopted, which is a feasible path suc
cessive quadratic programming optimizer. It ensures that all upper and 
lower bounds on the decision, and variables are never violated. 

In addition to the heat and mass transport, pressure drop within the 
module is an important parameter that does not only determine the 
electric energy consumption related with circulation of the fluid but also 
affects the non-wettability behavior of the membrane pores. To fulfil the 
non-wettability condition, the pressure drop within the membrane 
module should be less than the liquid entry pressure of the membrane 
pores. Therefore, the pressure drop associated with the overall fiber 
length, reversal of flow direction at end of each pass and shell side of the 
module was analyzed. The following equation was used to calculate the 
pressure drop inside the overall fiber length L: 

ΔPf = f
L

Din

ρvf
2

2
(17)  

where f, ρ, Vf and Din represent the friction factor, density of the fluid 
(kg/m3), fluid velocity (m/s) and inner diameter of the membrane (m), 
respectively. The change of direction of the fluid after completing one 
pass introduced additional pressure drop known as return loss which 
was calculated according to the following correlation [43]: 

ΔPr = 6 894.8
4n
s

vf
2

2g
(18)  

where n, s and g represent total number of passes, specific gravity of the 
feed solution and acceleration of gravity (m/s2), respectively. 

To calculate the pressure drop on shell side of the module, the model 
proposed by Yoshikawa et al. was used [51]: 
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ΔPs =
2kμ

πεsrh
2Ds

2Qs (19) 

μ, εs, rh, Ds and Qs in the above equation represent dynamic viscosity 
(Pa⋅s), void fraction, hydraulic radius (m), shell inside diameter (m) and 
flow rate (m3/s) inside the shell, respectively. 

3. Results and discussion 

3.1. Temperature profiles for the considered module designs 

Bulk and membrane surface temperature profiles predicted by the 
validated model (see the details about validation in Appendix) for both 
feed and permeate streams for the considered module designs have been 
shown in Fig. 2. For the design A, it is evident from Fig. 2 (a) that the 
bulk as well as membrane surface temperature of the feed solution de
creases almost linearly along the module and drops down to 62 ◦C from 
its initial value of 80 ◦C. The temperature of the permeate stream, on the 
other hand, increases from 25 to 52 ◦C at the exit of the module. The 
difference between the feed and permeate temperatures for the config
uration A changes slightly along the module which is a characteristic of 
pure countercurrent mode. The configurations B and C demonstrate 
similar net temperature changes on the feed and permeate streams. For 
both the configurations, the final feed and permeate outlet temperature 
remained around 55 and 48 ◦C, respectively. For cocurrent passes (1st 
and 2nd pass in configurations B and C, respectively) of both the con
figurations, the temperature difference between the feed and permeate 
narrows down rapidly compared to the countercurrent passes. For 
instance, in case of the configuration B, the temperature difference de
creases rapidly during the first (cocurrent) pass and increases again 
during the second pass (Tfm-Tpm equal to 12 and 23 ◦C, respectively). For 
the configuration C, where the feed and permeate are in countercurrent 
in 1st pass and in cocurrent during the second pass, the difference be
tween the feed and permeate temperature is higher during the first pass 
compared to the second one. For the configuration D, the feed and 
permeate are in countercurrent in both the passes i.e. the 1st and 2nd 

pass of feed are in countercurrent with the 2nd and 1st pass of permeate, 
respectively. Thus, the total contact length of the two streams in the 
configuration D is double of the configuration A which results into 
significantly higher outlet temperature of the permeate (i.e. 65 ◦C) 
exceeding the feed outlet temperature of 56 ◦C. 

Fig. 2 also indicates that the temperature polarization (difference 
between the bulk and membrane surface temperature for feed or 
permeate) on feed and permeate sides is higher for those designs passes 
where feed and permeate are in cocurrent (Fig. 2 (b) and (c) for the 
designs B and C, respectively). This can be directly attributed to the 
higher initial trans-membrane temperature differences for cocurrent 
mode, as discussed in above paragraph, that induces higher driving force 
to conductive and convective heat transport across the membrane. In the 
configuration D, where the feed and permeate streams are in perfect 
countercurrent and difference between the feed and permeate streams is 
small, the temperature polarization is relatively modest. 

3.2. Effect of pass length on the performance of two-pass module designs 

F/P ratio is an important operating parameter that influences the MD 
performance and energy recovery potential and therefore, has been 
given special attention in this analysis. To investigate the effect of pass 
length on the process performance; flux, productivity, and STEC as 
functions of pass length at different F/P ratios have been plotted for all 
the considered designs in Fig. 3 (a)–(l). It is evident from Fig. 3 (a), (d), 
(g) and (j) that the flux is the highest for the shortest lengths and the 
lowest F/P considered for all the configurations. Short pass lengths 
provide high driving force whereas, under the comparable feed and 
permeate flow rates (corresponding to F/P ratios close to unity), the 
system is not limited by the mass transfer on feed or permeate side which 
ensures high driving force and contributes to the observed high flux 
[52]. As evident from Fig. 3 (b), (e), (h), and (k), the productivity 
(product of membrane area and the corresponding flux, denominator in 
Eq. (16)) is high for long pass lengths and low F/P ratios — the condi
tions that result into large membrane area and high flux, respectively. It 
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Fig. 2. Temperature profiles along module length at 80 ◦C and F/P = 2 for configuration (a) A (b) B (c) C, and (d) D. Subscripts f, p, fm and pm represent bulk feed 
temperature, bulk permeate temperature, temperature at the membrane surface on feed side and temperature at the membrane surface on permeate side, 
respectively. 
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is also interesting to note that the multipass configurations exhibit 
higher (up to 24 %) productivity than the traditional single pass 
configuration due to their ability to pack more membrane area within a 
module of given length. 

The corresponding STEC for the considered configurations has been 
illustrated in Fig. 3 (c), (f), (i), and (l). It can be noticed from the figures 
that STEC responds differently to pass length and F/P ratio for the 
various configurations. In case of pure countercurrent configurations (A 
and D), STEC decreases by increasing the pass length (Fig. 3 (c) and (l)). 
Relatively higher decrease is observed for the configuration D where the 
STEC can be decreased by ~36 % from its highest value (observed at the 

shortest pass length and the lowest F/P ratio considered) by switching to 
the highest pass length and an appropriate F/P ratio. The observed 
decrease is expected as high pass length increases the module produc
tivity and contact time of the two streams. The latter results into high 
permeate outlet temperature and low feed outlet temperature which is 
an indicator of efficient utilization of thermal energy and allows energy 
recovery from the permeate stream as explained elsewhere [31,33]. 
When the feed and permeate streams have comparable flow rates, uti
lization of the thermal energy of the feed is not efficient which restricts 
the heat recovery from the permeate stream as the outlet temperature of 
permeate does not exceed the feed outlet temperature which results into 

Fig. 3. Flux, productivity, and STEC as functions of length of modules and F/P ratio in (a)(b)(c) countercurrent (configuration A), (d)(e)(f) 1st pass in concurrent 
(configuration B), (g)(h)(i) 2nd pass in concurrent (configuration C), and (j)(k)(l) countercurrent in two zones (configuration D) at 80 ◦C, respectively. 
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high STEC as noted in Fig. 3 (c) and (l). It is also interesting to note that 
the minimum STEC for the configurations A and D appears at different 
F/P ratios. For the configuration A, the contact time of feed and 
permeate streams is half compared to the configuration D due to the 
corresponding difference in the effective length. Heat recovery for the 
configuration A will thus be possible (i.e. Tpout > Tfout + 5 ◦C) for high F/ 
P ratios i.e. under the conditions which promote sufficient heating of the 
permeate stream to make it suitable for heat recovery. On the other 
hand, the heat recovery condition can be met at a relatively low F/P 
ratio for the configuration D due to the long contact time of feed and 
permeate streams and therefore, the minimum STEC shifts at low F/P 
ratio (~2.5). By further increasing the F/P ratio beyond this value, the 
flux decreases as the permeate temperature starts approaching the feed 
temperature; however, the energy recovery does not increase propor
tionally as explained elsewhere [33,34] and consequently, STEC starts 
increasing. Although the configuration D demonstrates the minimum 
flux, yet it also exhibits the lowest STEC due to better energy recovery 
achieved in this configuration. The minimum STEC observed for the 
configuration D is ~9 % lower than that for the configuration A, indi
cating superior energy efficiency of the configuration D. 

For the configuration B and C (Fig. 3 (f) and (i)), the pass length 
affects STEC relatively less and both configurations show similar STEC 
which is significantly higher than the configurations A and D. Impor
tantly, the minimum STEC (890 kWh/m3) for the configuration B ap
pears at the long pass lengths and high F/P ratios. The configuration C 
exhibits the minimum STEC (950 kWh/m3) zone at short pass lengths 
and high F/P ratios. In case of the configuration B, the minimum STEC is 
observed under the conditions where the maximum energy recovery is 
possible — high pass-length and high F/P ratio. In contrast, it is clear 
that an optimum solution can be observed for the configuration D (Fig. 3 
(l)), where the most appropriate design corresponds to the long pass 
lengths with an F/P ratio of ~2.5. 

3.3. Multipass module designs 

The configurations C, with the possibility of no heat recovery, and D 
which demonstrates the best performance in two-pass system were 
selected for this analysis. STEC as a function of feed temperature, length 
of each pass, and number of passes for the design configurations C and D 
have been illustrated in Fig. 4 (a) and (b), respectively. Both the figures 
indicate that STEC decreases by increasing the feed temperature in 
accordance with the literature [31,53]. At any given temperature, both 
configurations show similar values of STEC when the total number of 
passes is set equal to 2. This is due to the similar productivities and heat 
duties of the two configurations (Fig. A4 (a)–(d) in the Appendix) for the 
two-pass designs. Note that the maximum pass length (2.5 m) is half of 
the maximum length considered in Section 3.2, which results into 
relatively inefficient utilization of heat making heat recovery impossible 

in the two-pass design of the configuration D because of less increase in 
permeate temperature. However, when the number of passes is further 
increased, STEC for the configuration D drops down significantly. The 
largest difference between the minimum STEC demonstrated by the 
configuration D and C is 34 %. The two configurations also exhibit 
opposite dependence of STEC upon number of passes and length of each 
pass. In configuration C, depending upon the operating temperature, 
STEC increases by 46–57 % with increasing the number of passes from 2 
to 8 and/or by increasing the pass length from 0.5 to 2.5. STEC for the 
configuration D greatly decreases (maximum observed decrease is 67 %) 
by increasing the number of passes from 2 to 8 at a pass length of 1 m or 
by increasing the pass length from 0.5 to ~1.5 m for the multipass (4–8) 
design configurations. 

The observed trend for the two configurations (C and D) can be 
explained by analyzing the corresponding productivities and heat duty 
values provided in Fig. A4 (a)–(d). Although the productivities of both 
configurations are similar under any condition and shows similar 
response to change in the number of passes or length of each pass, yet 
the heat duty differs significantly, particularly at high number of passes 
(>2). In case of the configuration D, the heat duty does not exceed 4.5 
kW in any case while it approaches to 9 kW for configuration C (Fig. A4 
(c) and (d), respectively). The energy efficiency and potential of heat 
recovery for the design configuration D increases with increasing the 
feed temperature, number of passes, and length of each pass and 
consequently, STEC reduces. Fig. 4 (a) and (b) also demonstrate that the 
pass length (and hence the module length) can be significantly 
decreased by increasing the number of passes (or vice versa) while 
keeping the same STEC. For instance, in the configuration D, the pass 
length can be decreased to 1 m for 8 passes module which consumes the 
same energy as that for 2 m long module having 4 passes. 

The effect of pass length and number of passes on STEC at various F/ 
P ratios for the design configurations C and D has been shown in Fig. 5 
(a) and (b), respectively. It can be noted from Fig. 5 (a) that the STEC for 
the configuration C at any F/P ratio increases with increasing the pass 
length or number of passes. Thus, the minimum STEC for the configu
ration C has been observed at the lowest number of passes and pass 
lengths for multiple pass systems which is consistent with the observa
tions noted in Section 3.2. Like the explanation provided in the above 
paragraph, the observed trend follows the productivity and heat duty 
provided in Fig. A5 (b) and (d), respectively. With respective to C, the 
configuration D demonstrates opposite dependence at the number of 
passes and pass length i.e. at any given F/P ratio, STEC for this config
uration decreases by increasing the number of passes or length of each 
pass. The minimum STEC for configuration D remains 34 % lower than 
the minimum STEC exhibited by the configuration C. 

To compare the energy efficiency potential of multipass modules 
with the traditional single-pass module, STEC for the two designs (C and 
D) under the same conditions (feed inlet temperature and Vf) and pass 
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lengths can be analyzed. For this purpose, STEC of one-meter-long 
traditional module from our previous work [33], can be compared 
with the corresponding STEC of the best performing multipass design (D, 
Fig. 4 (b)) reported the current study. While operating at a temperature 
of 80 ◦C, one-meter-long module exhibited STEC of 970 kWh/m3 [33]. A 
look at Fig. 4 (b) shows that STEC of the design configuration D with 
respect to the traditional one-meter-long module considered in our 
previous work decreases by increasing the number of passes. For 
instance, when the maximum number of passes in the configuration D is 
two, the minimum STEC is around 948 kWh/m3. The difference of the 
minimum STEC for the two configurations further increases by 35 % 
with increasing the number of passes to 8 in configuration D. These 
observations demonstrate better energy saving potential of the multi
pass configurations compared to the traditional single pass 
configuration. 

3.4. Pressure drop in the multipass modules 

The pressure drop for the highest overall fiber lengths considered 
(20 m, Fig. 5) in the current study as function of number of passes has 
been shown in Fig. 6. It is evident from the figure that the pressure drop 
increases slightly (<100 Pa) by increasing the number of passes from 
0 to 16. The figure also demonstrates that the major contribution to the 
overall pressure drop comes from the pressure drop within the fiber (see 
pressure drop corresponding to the No. of passes 0 in the figure). It is 
also evident from the data reported in the figure that, at the considered 

average velocity (0.1 m/s), the pressure drop within the module remains 
significantly lower than the liquid entry pressure of the membrane (1.4 
bar) used in the current study. By assuming a 50 % packing fraction, the 
pressure drop on the shell side remained below 50 Pa which is signifi
cantly lower than the tube side. Compared to the traditional single pass 
geometries, pressure drop associated with the reversal of flow direction 
(return loss) is the only additional pressure drop that the proposed 
multipass geometries suffer from. The value of the return loss remains 
<1.5 % of the total pressure drop even for the modules with 16 number 
of passes which clearly demonstrates that additional electric energy 
consumption of multipass modules increases only marginally compared 
to the conventional single pass modules. 

4. Conclusions 

Novel hollow fiber membrane module designs with multiple shell 
and fiber passes for DCMD have been proposed. The modules are 
particularly attractive for MD applications where the optimum fiber 
length appears to be several meters and the pressure losses associated 
with bends are not significant. It was observed that flux for the con
ventional one pass countercurrent design (A) was almost double 
compared to the multiple shell and tube pass design (D) operating in the 
pure countercurrent mode. However, despite yielding the lowest flux, D 
design has the potential to reduce up to 34 % thermal energy compared 
to the conventional single-pass design. Flux for single shell and multiple 
tube passes designs (B and C) remains somewhere between A and D 
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Fig. 6. Pressure drop as function of number of passes in a module with effective fiber length of 20 m.  
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design configurations but their energy consumptions was even higher 
(up to 20 %) than conventional single pass design. Due to their potential 
of accommodating long fiber lengths and therefore more membrane 
area, the multipass module exhibit productivity several times higher 
than the traditional one-pass design. The analysis also demonstrated 
that the pressure drop associated with the change of flow direction in the 
multipass modules contributed very less (<1.5 %) to the overall pressure 
drop within the module. 
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Appendix 

Model validation 

(i) Experimentation 
To generate the experimental data for the single pass module in counter and cocurrent configurations, the experiments were performed by using 

three different lab-made membrane modules fabricated by using commercial PP hollow fiber membranes from Membrana GmbH (membrane 
properties provided in Section 2.1). The modules had length of 15, 42 and 70 cm (corresponding to the membrane surface area of 0.012, 0.034, and 
0.56 m2, respectively) and were operated in conventional single pass configuration. The modules were operated at feed inlet temperatures of 38, 47 
and 56 ◦C for countercurrent configurations by using pure water as feed and permeate streams. The objective was to analyze the capability of the 
mathematical model to predict experimental parameters (flux and outlet temperatures) for modules having different lengths. For cocurrent config
uration, experimentation with these modules was carried out at 56 ◦C. In all the cases, permeate temperature was fixed at 23 ± 2. Feed and permeate 
velocities were set at 0.1 m/s for all the experiments. 

MD data for the model validation were also collected by using a lab-made module having two fiber passes and a single shell pass. The feed and 
permeate streams were introduced inside the fiber and on shell side, respectively. The temperatures were recorded at the inlet and outlet of the feed 
and permeate channels as well as at the end of the 1st feed pass (mid-point, see Fig. A1 (a)). The module used in the experiment had an active 
membrane area of 0.013 m2. The module was fabricated by using the same commercial PP hollow fiber membranes as described above. The module 
was tested with 1st pass in countercurrent and 2nd pass in cocurrent as well as the other way around using distillate water as feed and permeate. All the 
experiments were performed by using distilled water as the feed and permeate stream and feed temperature was adjusted to 45.5 ± 0.3, 60 ± 1, and 70 
± 1 ◦C for counter-current and co-current configurations. The overall objective here was to analyze the model validation for multipass modules 
operating under different temperatures and in different flow configurations. 

In all the experiments (conventional as well as multipass modules), experimental duration was adjusted 120 to 150 min after achieving the steady 
state temperatures on feed and permeate sides. Flux and temperatures were recorded after every 10 min, and their average was used for the model 
validation. Thus, the total number of data point collected at each condition was between 12 and 15 which ensures enough repetitions to guarantee the 
statistical validity. 
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Fig. A1. (a): A picture of the double pass module used in the experimentation for model validation (b) Picture of 42 and 70 cm long traditional module used in the 
model validation experimentation. 

(ii) Validation 
The developed model was validated using different modules lengths and operating temperatures in both countercurrent and cocurrent configu

rations. The experimental and modeled fluxes for countercurrent and cocurrent configurations for modules with different lengths and operating under 
various thermal conditions have been provided in Fig. A2 (a). It is evident from the figure that for any module length, the flux increases by increasing 
the operating temperature. At any given temperature, the shortest (15 cm long) module exhibits the highest flux. For instance, for countercurrent 
configuration (Fig. A2 (a) left), the flux exhibited by 15 cm long module is ~55 % higher than its 70 cm long counterpart at an operating temperature 
of 38 ◦C. The difference further diverges at high feed temperatures (~62 % at 56 ◦C operating temperature). The observed trends are consistent with 
the literature where a reduction in flux has been seen by increasing module length [32]. The reduction is attributed to large temperature variations 
along the long modules which reduces the average driving force to the mass transport. For any module length, the flux shows exponential dependence 
upon temperature. For instance, flux for 15 cm long module was recorded as 1.05, 1.92 and 3.1 kg/m2⋅h at feed inlet temperatures of 38, 47 and 56 ◦C, 
respectively. The figure also shows that the developed mathematical model can predict the experimental flux with excellent accuracy (R2 > 98 %) in 
all the cases. As shown in Fig. A2 (a) (right), the flux exhibits the qualitative same dependence upon the module length also for cocurrent configuration 
and can be predicted with the sufficient accuracy by the model (R2 > 0.94). The model was also used to predict the feed and permeate temperatures at 
outlet of the modules for countercurrent (T-coun) and cocurrent (T-co) modes and the results are illustrated in Fig. A2 (b). The figure illustrates that 
the model can predict the feed and permeate outlet temperatures accurately for both type of flow arrangements. 
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Fig. A2. Validation of developed model for single-pass module (a) experimental and theoretical flux for different modules operating in countercurrent (left) and 
cocurrent (right) configurations (b) experimental and modeled outlet feed and permeate temperatures for countercurrent and cocurrent modes. Tfo and Tpo represent 
feed and permeate outlet temperatures, respectively. 

The experimental and modeled data for the two fiber and one shell pass module design were also compared to check the suitability of the model for 
two-pass module designs operating in cocurrent and countercurrent modes. Overall experimental flux and temperatures at end of the 1st feed pass 
(mid) and at the exit of the feed pass have been illustrated in Fig. 3 (a) and (b), respectively. Like the single pass module, the flux increase with feed 
inlet temperature and difference in flux between the two operating mode is of the order of experimental error. As expected, for any feed inlet tem
perature, the mid-point temperature is greater than the feed outlet temperature. The figures show that the model can accurately predict the flux as well 
as temperatures for the two-pass design configuration operating under countercurrent as well as cocurrent mode. 
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Fig. A3. Experimental and modeled values of (a) flux and (b) temperatures at different locations along the module with two feed and a single permeate pass operated 
in cocurrent (Co) and countercurrent (Coun) configurations.  
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Fig. A4. Flux, productivity and heat duty for configuration C (a, c, e) and D (b, d, f) at different feed inlet temperatures.   
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Fig. A5. Flux, productivity and heat duty as function of pass, number of passes and F/P ratio for configuration C and D.  
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