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H I G H L I G H T S  G R A P H I C A L  A B S T R A C T  

• Desalination wastewater recovery pro
cess is designed for air pollutants 
reduction. 

• Feedstock restriction of pollutant ab
sorbents is possible to be solved. 

• Environmental contamination by desa
lination wastewater is prevented. 

• Economic feasibility can increase by 
CO2 and SOx utilization.  
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A B S T R A C T   

Many countries discharge considerable amounts of desalination wastewater directly into the ocean, which cause 
environmental pollution, destruction of ecosystems, and economic losses. Desalination wastewater contains 
valuable metal ions such as Na+, Ca2+, and Mg2+, which react with carbonate and sulfate ions; therefore, it has 
the high potential to reduce the NOx, SOx, and CO2. Thus, this study designed process for the utilization of 
desalination wastewater to capture and utilize NOx, SOx, and CO2 using NH3. A process model was developed, 
which was composed of following three steps: (1) metal ion separation in desalination wastewater based on pH 
swing processes for separating Ca2+ and Mg2+ as Ca(OH)2 and Mg(OH)2, respectively; (2) NOx capture and SOx 
capture and utilization using generated Mg(OH)2, and (3) CO2 capture and utilization using NH3. Subsequently, 
to demonstrate the economic validity of the suggested process, an economic assessment was conducted and total 
annualized costs (TACs) of the conventional and proposed processes were compared. As a result, ~96 % of NOx 
was captured, the SOx capture efficiency was 99 %, and ~94.7 % of CO2 was captured. Thus, a reduction of 11.2 
% in the TAC was achieved using the proposed process, indicating its high economic feasibility.   
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1. Introduction 

Considerable amounts of desalination wastewater are directly dis
carded in many countries in the process of supplying feasible water 
[1,2]. The desalination wastewater contains high concentrations of 
metal ions such as Ca2+, Mg2+, and Na+, and because these useful metal 
ions react with carbonates and sulfate ions, they can be used for the 
capture and utilization of SOx, NOx, and CO2 [3,4]. However, most of the 
desalination wastewater is discarded rather than used, causing serious 
environmental pollution, such as the destruction of the ecosystem, and 
economic losses [5]. In recent years, rather than discarding the metal 
ions in desalination wastewater, efforts have been made to investigate 
their reuse, and a few previous studies addressed their utilization. Shin 
et al. proposed a porous polymer to recover the uranyl in seawater [6]. 
The proposed polymer is capable of removing 90 % of uranyl. Quist- 
Jensen et al. suggested membrane crystallization to treat the nano
filtration retentate and desalination reject brine [7]. As a result, 99.6 % 
of K, 100 % of Na and 86.1 % of Ni is recovered from the desalination 
wastewater. Ali et al. provided a new perspective of isolation of valuable 
mineral from the produced water [8]. The experiment results shows, 
16.4 kg of NaCl per cubic meter of produced water is possible to be 
recovered. Na et al. proposed the utilization of wastewater as a source of 
Mg production with CO2 capture [9]. As a result, 94 % of Mg(OH)2 is 
possible to be recovered from the desalination wastewater. Among these 
studies, one investigated the use of desalination wastewater to capture 
and utilize CO2 and SOx to reduce the greenhouse gas emission and air 
pollution [1]. In their study, NaOH is generated from the desalination 
wastewater and used for metal ion separation as a buffer solution. Then 
the Ca2+ and Mg2+ are separated as a form of Ca(OH)2 and Mg(OH)2, 
respectively, through metal ion separation based on the difference in the 
pH level. Subsequently, the generated Ca(OH)2 is used for SOx capture, 
thereby producing CaSO4 (i.e. desulfurization gypsum), which is then 
commercialized. Finally, the CO2 is captured using the generated NaOH 
and then carbonated using the formed Ca(OH)2 and Mg(OH)2. As a result 
of the carbonation, CaCO3 and MgCO3 are also produced, which can be 
commercialized. 

Despite the substantial contribution of the previous study towards 
the use of desalination wastewater for CO2 and SOx utilization, several 
major limitations persist. These limitations are briefly discussed subse
quently. First, the previously mentioned study uses Ca(OH)2 rather than 
Mg(OH)2 to capture and utilize SOx. However, Ca(OH)2 generates scales 
such as CaSO4•2H2O and CaSO3•0.5H2O in the scrubber, which causes 
serious problems and increases the cost of maintenance significantly. In 
addition, Ca(OH)2 has a relatively higher molar weight compared to Mg 
(OH)2, and thus, a scrubber with a high capacity scrubber is required, 
which also increases the total capital cost. Second, using NaOH for CO2 
capture and utilization causes serious corrosion problems in the 
absorber facility. Because NaOH is strong base, corrosion generally oc
curs in absorber, which increases maintenance costs and decreases 
process stability. In addition, the NaOH is impossible to be regenerated 
and just discharged as a form of the NaHCO3, thus has a problem of the 
feedstock availability. Finally, previous studies did not consider the NOx 
capture (i.e., denitrification) procedure; the NOx was assumed to be 
already treated. Conventional denitrification uses NH3 as an absorbent 
of the NOx; the NOx is converted to N2, which is not harmful. Using NH3 
increases the operating cost and complicates the utilization process 
because the NOx is emitted into the atmosphere as N2. Thus, the efficient 
use of NH3 is important, but it has not been considered in the previous 
study. 

To overcome these limitations, this study proposes a novel process 
for the utilization of desalination wastewater for SOx, NOx, and CO2 
reduction using NH3, and the economic validity of the proposed process 
is addressed. The capture and utilization processes of SOx, NOx, and CO2 
are integrated using metal ions such as Ca2+, Mg2+, and Na+ in desali
nation wastewater. The aim of this work is to overcome limitations of 
the previous study by efficiently using desalination wastewater and 

capturing and utilizing SOx, NOx, and CO2 for environmental protection. 
The novel contributions of this work are as follows. 

1) This study is the first to attempt to enable SOx, NOx, and CO2 
capture and utilization at the same time using metal ions in desalination 
wastewater with NH3. 

2) Because the suggested novel process uses metal ions in desalina
tion wastewater to capture and utilize SOx, NOx, and CO2, it is proper 
solution for addressing the environmental contamination by desalina
tion wastewater and the feedstock restrictions on conventional 
absorbents. 

3) Because the proposed process uses Mg(OH)2 for SOx capture and 
utilization, the problem caused by scales in the scrubber can be pre
vented. The SOx is captured by Mg(OH)2 and is converted to MgSO3 and 
MgSO4, which are soluble in pure water and do not cause scales in the 
scrubber. In addition, the molar mass of Mg(OH)2 is less than that of Ca 
(OH)2. Thus, the capacity of the scrubber can be reduced, which in
dicates decrease in the capital cost. 

4) The proposed process uses NH3 for CO2 capture and utilization, 
which prevents corrosion of the absorber. In addition, NH3 has an 
advantage of high stability, CO2 capture efficiency, and low regenera
tion energy compared to NaOH, which reduces the operating cost. 
Furthermore, NH3 is regenerated during the NH3 reproduction process 
and is reused during the NOx capture process. Therefore, the NH3 is used 
efficiently. 

2. Methodology 

2.1. Process overview 

Fig. 1 shows an overview of the proposed desalination wastewater 
recovery process, which is comprised of following three steps: (1) metal 
ion separation from desalination wastewater, (2) NOx capture and SOx 
capture and utilization, and (3) CO2 capture and utilization. Next, we 
presented a brief description of each step. 

Step 1. Metal ion separation from desalination wastewater. 
First, metal ions, Mg2+ and Ca2+, are separated using NaOH, which is 

generated from the electrodialysis stage of the wastewater desalination 
process. The NaOH is used as a buffer solution to control the pH level. 
Mg2+ is separated as a form of Mg(OH)2 at a pH of 8.5–11 using the pH 
swing process for separating Mg2+, and Ca2+ is sequentially separated as 
a form of Ca(OH)2 at a pH of 11–13 using the pH swing process for 
separating Ca2+ [10]. Subsequently, the separated Mg(OH)2 is used for 
SOx capture and utilization, and the carbonation of ionic CO2 and Ca 
(OH)2 is used to regenerate NH3 in the NH3 regeneration process. The 
residual desalination wastewater in which the Mg2+ and Ca2+ are 
removed has high concentration of NaCl and is used for the NaHCO3 
carbonation process. 

Step 2. NOx capture and SOx capture and utilization. 
Because the selective catalytic reduction (SCR) requires the high 

temperature condition of 300 ◦C or higher, the NOx is first captured to 
efficiently use the heat of the high temperature flue gas. In SCR, NOx is 
captured using NH3 and converted to N2, which is not harmful to the 
environment. Subsequently, the denitrated flue gas enters the scrubber 
and SOx is captured and utilized. To capture and utilize the SOx, the 
separated Mg(OH)2 is used as an SOx absorbent. Because Mg(OH)2 is 
insoluble in pure water, HCl is added during acidification to ionize the 
Mg(OH)2 at a pH 5–6. Subsequently, the ionized Mg(OH)2 is mixed with 
water, and then an alkaline slurry is generated and sprayed at the top of 
the scrubber. The flue gas that is in contact with the alkaline slurry and 
SOx is captured as a result of the vapor-liquid contact [11]. Finally, a 
MgSO4•7H2O liquid phase, that is, Epsom salt, is generated at the bot
tom of the scrubber, and the desulfurized flue gas is emitted to the 
absorber for CO2 capture and utilization. 

Step 3. CO2 capture and utilization. 
Finally, the CO2 in denitrated and desulfurized flue gas is captured at 

the absorber, and to capture the CO2, NH3 is used as an absorbent. When 
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the CO2 enters the absorber, it is converted to HCO3
− and CO3

− according 
to the base condition caused by NH3. Subsequently, the captured CO2 is 
carbonated to generate MgCO3 during an MgCO3 carbonation process 
using the Mg(OH)2, followed by the sequential carbonation of NaHCO3 
using the residual desalination wastewater, which has a high NaCl 
concentration. The remaining NH4Cl is reacted with Ca(OH)2 during the 
NH3 regeneration process, and as a result of the reaction, NH3, H2O, and 
CaCl2 are produced. The generated NH3 is reused for NOx capture, and 
the CaCl2 is commercialized. 

2.2. Process model 

Fig. 2 shows the process model of the proposed desalination waste
water recovery process. To develop a model this process, Aspen Plus 
V11.0 from Aspen Tech® was used, and the electrolysis process of the 
desalination wastewater was modeled using MATLAB® version R2020b 
from MathWorks. 

The proposed process requires a thermodynamic model representing 
the electrolyte to simulate a reaction involving various ions. Therefore, 
in this study, the ENRTL-RK model was used, and the correlation be
tween ions in the existing NRTL model was supplemented [12]. The 
ENRTL–RK model combines ENRTL (Electrolyte nonrandom two liquid) 
model with the Redlich-Kwong (RK) model [13]. The ENRTL model is 

applied for the nonideal electrolyte liquid phase, while the RK model is 
applied to the state equation of the gas phase. The ENRTL model is a 
widely applied property model for process simulations of electrolyte 
systems with mixed solvents. The equations for the ENRTL are as follows 
(Eq. (1)). 
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The following equation represents the RK model (Eq. (2)). 

P =
RT

Vm − b
−

a
̅̅̅̅
T

√
⋅Vm(Vm + b)

(2) 

Fig. 1. Overview of the proposed desalination wastewater recovery process.  

Fig. 2. Process model of the proposed desalination wastewater recovery process.  
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where, 

a : constant for attractive potential of moleculesb

: constant that accounts for volume.

According to the ENRTL-RK model, in an aqueous phase, every 
stream has no temperature, pressure, or concentration gradient. Streams 
are mixed ideally and achieve chemical equilibria. These equilibria are 
automatically predicted in Aspen plus by calculating the electrolyte 
dissociation and salt precipitation. 

2.2.1. Metal ion separation of desalination wastewater 
The metal ions, Mg2+ and Ca2+, are separated at different pH levels, 

and NaOH is utilized as a buffer solution for each pH swing process (B1, 
B4). The NaOH is obtained from the NaCl in desalination wastewater 
through cholor-alkali electrolysis [14,15], which is modeled using 
MATLAB® version R2020b. The reaction of the electrolysis of NaCl for 
NaOH production is as follows (Eqs. (3)–(6)). 

2Na+ + 2Cl− →Cl2 + 2Na+ + 2e− (3)  

2Cl− →Cl2 + 2e− (4)  

2H2O+ 2e− →H2 + 2OH− (5)  

Na+ +OH− →NaOH (6) 

In general, the NaOH produced from electrolysis should be limited to 
low concentrations, due to the instability of the membranes at high pH 
level and the stable pH range of the electrodialysis process is 10.5 to 11.5 
[16]. The pH level of the solution in electrodialysis process in this work 
is 10.7, and thus it is possible to be stable. Subsequently, the generated 
NaOH (NAOH, NAOH2) is used to separate Mg2+ and Ca2+ through a pH 
swing process as a buffer solution. Subsequently, it is split at the two pH 
swing processes, that is, process to separate Mg2+ (B1) and process to 
separate Ca2+ (B4), and the solubility difference between each metal ion 
at various pH levels is applied by converting Mg(OH)2 and Ca(OH)2, 
respectively. First, the Mg2+ is separated as a form of Mg(OH)2 at a pH of 
8.5–11 in B1 according to the following equation (Eq. (7)). 

Mg2+ + 2OH− ↔ Mg(OH)2 (7) 

Subsequently, the Ca2+ is sequentially separated as a form of Ca 
(OH)2 at pH 11–13 in B4 according to the following equation (Eq. (8)). 

Ca2+ + 2OH− ↔ Ca(OH)2 (8) 

Subsequently, the separated Mg(OH)2 is used for SOx capture and 
utilization, and the carbonation of the ionic CO2 and the Ca(OH)2 is used 
to regenerate NH3 through an NH3 regeneration process. The residual 
desalination wastewater from which the Mg2+ and Ca2+ are removed 
has a high NaCl concentration and is used for the NaHCO3 carbonation 
process. To model B1 and B4, the RCSTR model was used, and the 
generated Mg(OH)2 (MGOH2) and Ca(OH)2 (CAOH-S) are separated 
using the Sep model (B2, B5). 

2.2.2. NOx capture and SOx capture and utilization 
To capture the NOx, this work used the SCR process. The flue gas 

entered the SCR process, which contained a catalyst, and the NOx was 
converted to N2, which is not harmful to the environment, contrast to 
adding NH3 (Eqs. (9)–(11)) [17]. 

4NH3 + 4NO + O2→4N2 + 6H2O (9)  

2NH3 + NO + NO2 + O2→4N2 + 6H2O (10)  

8NH3 + 6NO2 + O2→7N2 + 12H2O (11) 

To improve the NOx capture efficiency, the selection of a proper 
catalyst is very important. The NOx capture efficiency differs according 

to the operating temperature of the SCR process; thus, the operating 
temperature of the SCR process should be considered when selecting the 
catalyst. Recently, catalysts such as titanium oxides, manganese oxides, 
and tungsten oxide have been employed in many SCR processes; espe
cially nickel based-catalysts, as they have abundant surface acidity sites 
and high N2 selectivity [18]. Thus, a nickel-based catalyst was used to 
capture the NOx in the proposed process. The NH3 used in the SCR 
process was obtained from the NH3 regeneration process, which 
generated NH3 according to the reaction with NH4Cl and Ca(OH)2. To 
model the SCR process, the RSTOIC model was used, and the conversion 
rate of NH3 was specified as 96 % based on the study by Wang et al. The 
composition of the flue gas (FLUEGAS) that was added to the SCR pro
cess was set to NO (200 ppm), NO2 (300 ppm), SOx (700 ppm), CO2 
(15.5%), H2O (3%), O2 (16.5%), and N2 (65%), and the operating 
temperature was specified as 300 ◦C [19]. 

Second, the SOx in the denitrated flue gas was captured using an 
alkaline slurry that contained water and Mg(OH)2, which was generated 
from the pH swing process for separating Mg2+ and the acidification 
process. SOx causes air pollution, such as haze and acid rain, and reacts 
with water in air, thereby generating sulfuric acid. Thus, many thermal 
power plants employ the flue gas desulfurization (FGD) process. In 
particular, wet flue gas desulfurization (WFGD) is generally employed 
because of its high desulfurization efficiency [20]. This study uses the 
separated Mg(OH)2 as an absorbent to capture and utilize the SOx. 
Because Mg(OH)2 is insoluble in pure water, HCl is added during acid
ification to ionize the Mg(OH)2 at a pH of 5–6 (Eq. (12)) [11]. 

Mg(OH)2→Mg2+ + 2OH− (12) 

Subsequently, the ionized Mg(OH)2 is mixed with water and alkaline 
slurry is generated. The alkaline slurry is then sprayed at the top of the 
scrubber. The flue gas contact with the alkaline slurry and SOx is 
captured as a result of the vapor-liquid contact (Eqs. (13)–(15)) [20]. 

SO2 + H2O→H2SO3 (13)  

H2SO3→H+ + HSO−
3 (14)  

HSO− →H+ + SO2−
3 (15) 

As a result of the SOx capture, HSO3
− and SO3

− are generated, and they 
react with the Mg2+, thereby generating Mg(HSO3)2 and MgSO3, which 
are reaction intermediates. The reaction intermediates are oxidized to 
MgSO4, which is main product. The overall mechanism of the SOx cap
ture and utilization is as follows (Eqs. (16)–(20)) [21]. 

SO2 + Mg(OH)2→MgSO3 + H2O (16)  

SO2 + MgSO3 + H2O→Mg(HSO3)2 (17)  

Mg(HSO3)2 + Mg(OH)2 + 4H2O→2MgSO3 + 3H2O (18)  

SO2 + H2O +
1
2
O2→SO2−

4 + 2H+ (19)  

MgSO3 +
1
2
O2→MgSO4 (20) 

Finally, in the liquid phase at the bottom of the scrubber, 
MgSO4•7H2O, that is, Epsom salt, is generated [22], and the desulfur
ized flue gas is emitted to the absorber for CO2 capture and utilization. 
The scrubber is modeled by two steps according to the reaction phases 
that are at the top and bottom of the scrubber. Each step is modeled 
using the RCSTR model, and the equilibrium constants of above reaction 
are obtained based on Gibbs' free energy minimization. The specifica
tions of the WFGD scrubber are based on the study by Salehi et al. [21]. 
and are presented in Table 1. 
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2.2.3. CO2 capture and utilization 
In general, CO2 capture and utilization technologies are classified 

according to solvent absorption, cryogenic distillation, and membrane 
separation. Owing to its low cost and the high CO2 capture efficiency, 
the absorption process with chemical solvents is generally employed to 
capture CO2 [23]. This study used NH3 as the chemical solvent because 
of its high capture efficiency, fast reaction rate, low degradation rate, 
and low regeneration energy [24]. Recently, for absorption processes 
with chemical solvents, the ammonia-based Solvay process is being 
investigated for CO2 capture and utilization. The conventional Solvay 
process is composed of lime kiln, absorber, and NH3 regeneration pro
cesses. First, for lime kiln, CaCO3 is sintered and converted to CaO. 
Subsequently, Ca(OH)2 is generated at the lime slaker by mixing with 
water, and the generated Ca(OH)2 is used for NH3 regeneration. Second, 
CO2 is captured in the absorber and is converted to NaHCO3 and NH4Cl. 
Finally, generated NH4Cl is added to the NH3 regeneration process, re
acts with the Ca(OH)2, and then the NH3 is recovered. The conventional 
process consumes a lot of energy to sinter CaCO3 [25]. However, the 
proposed process does not require a sintering procedure as Ca(OH)2 is 
obtained from desalination wastewater. The denitrited and desulfurized 
flue gas that is added to the absorber captures the CO2 and converts it to 
HCO3

− and CO3
− . The concentrations of the HCO3

− and CO3
− are deter

mined according to the pH level of the solution [26], and NH3 is used as 
a buffer solution. Without ammonia, the acidic nature of the water so
lution will hinder the dissociation of CO2 to HCO3

− and CO3
2− and hence 

prevent the precipitation of carbonate [27]. Subsequently, Then the 
MgCO3 is first separated at filter because if MgCO3 is not separated, the 
MgCO3 lowers the yield of the NaHCO3 production reaction and requires 
an additional solid-solid phase separation process. The reaction mech
anism of carbon dioxide and magnesium ions in an aqueous ammonia 
solution is as follows (Eqs. (21)–(25)). 

NH3 + H2O→NH+
4 + OH− (21)  

OH− + CO2→HCO−
3 (22)  

HCO−
3 + OH− →CO−

3 + H2O (23)  

Mg2+ + HCO−
3 →MgCO3 + H+ (24)  

Mg2+ + CO2−
3 →MgCO3 (25) 

Subsequently, the solution from which the MgCO3 was separated is 
added to the NaHCO3 carbonation process and reacted with NaCl. As a 
result of reaction, the NaHCO3 is generated, and the reaction is as fol
lows (Eqs. (26)–(28)). 

NaCl(aq)→Na+ + Cl− (26)  

Na+ + HCO− →NaHCO3(s) (27)  

NH+
4 + Cl− →NH4Cl (28) 

The precipitated NaHCO3 is separated using a filter, and the 
remaining solution, which has NH4Cl, is reacted with Ca(OH)2 during 
the NH3 regeneration process. The reaction of the NH4Cl and Ca(OH)2 is 
as follows (Eq. (29)). 

2NH4Cl + Ca(OH)2→CaCl2 + 2NH3 + 2H2O (29) 

For the absorber, the ENRTL model was used to calculate the reaction 
coefficient, reaction enthalpy, and Gibbs free energy of CO2 in aqueous 
ammonia. Radfrac model which are modeled rate-based condition was 
used to simulate the CO2 capture process. The specification of the rate- 
based distillation column was based on the study by Qi at el [28]. The 
specification of the each absorber and inlet stream are listed in Table 2. 

3. Result and discussion 

In this section, the simulation results of the proposed process are 
presented and discussed, and to demonstrate the NOx, SOx, and CO2 
capture efficiency, 12 conventional cases are set. Then, the NOx, SOx, 
and CO2 capture efficiencies of the suggested process are compared for 
each conventional case. Finally, to demonstrate the economic feasibility 
of the proposed process, the total annualized costs are calculated for an 
economic assessment. Table 3 shows the conventional cases for NOx, 
SOx, and CO2 capture processes. 

3.1. Simulation result 

3.1.1. Metal ion separation results 
The Mg2+ and Ca2+ in desalination wastewater are separated at each 

pH swing process using NaOH as a buffer solution. Table 4 shows the 
simulation results for Mg2+ separation using the pH swing process for 
separating Mg2+. 

From Table 4, it can be observed that ~0.0448 kmol/h of Mg2+ is 
converted to ~0.04 kmol of Mg(OH)2; thus, the conversion rate of Mg 
(OH)2 is determined to be 89.2 %. The conversion rate of the Mg(OH)2 is 
determined according to the amount of NaOH that controls the pH level. 
Since the Gibbs free energy of formation for CaCO3 and MgCO3 are 
− 1129 kJ/kmol and − 1029 kJ/kmol, the Mg2+ and Ca2+ should be 
separated [19]. Because when carbonation is performed if the both Ca2+

and Mg2+ ions are abundant, the nucleation and crystallization of 
MgCO3 are slower than those of CaCO3, and the production rate of 
MgCO3 are significantly low. Then, in this study, 0.4 kmol/h of 20 wt% 
of NaOH was used to maximize the separation efficiency of both metal 
ions. The simulation results of the Ca2+ separation using the pH swing 
process for separating Ca2+ are listed in Table 5. 

From Table 5, it can be observed that ~0.0276 mol/h of Ca2+ was 
converted to ~0.0263 mol of Ca(OH)2 according to the NaOH. Thus, the 
conversion rate of the Ca(OH)2 was determined to be 95.3 %. To sepa
rate the Ca2+, an additional 1.25 kmol/h of NaOH was used, and the 
remaining solution from which Ca2+ and Mg2+ were separated had a 
high NaCl concentration. The remaining solution was used in the 
NaHCO3 carbonation process for CO2 utilization. 

3.1.2. NOx / SOx capture and utilization results 
First, NOx is captured using the NH3 that was regenerated using the 

NH3 regeneration process. The flue gas is added to the SCR process, 
which contains a catalyst, and the NOx is converted to N2, which is not as 
harmful to the environment as adding NH3. The simulation results of the 
NOx capture process are presented in Table 6. 

From Table 6, it can be observed that 0.0001 kmol/h of NO and 

Table 1 
Specification of the WFGD scrubber that uses Mg(OH)2.  

Parameter Value 

Reaction temperature 60 ◦C 
Pressure 1 bar 
Valid phase Liquid-vapor 
Equilibrium constants Based on the Gibbs free energy minimization  

Table 2 
Specification of the each absorber and inlet stream.  

Parameter Value Parameter Value 

Inlet gas temperature 60 ◦C Absorber column 
type 

Rate-based calculation 
model (Radfrac) 

Lean solvent 
temperature 

20 ◦C Packing type 25 mm Pall ring 

Top pressure 2 bar Number of stages 20 
NH3 concentration, 

wt% 
4.5 % Total packing 

height 
6.5 m 

Lean solvent 
flowrate 

162 L/ 
h 

inner diameter 0.6 m  
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0.00017 kmol/h of NO2 react with 0.015355 kmol/h of regenerated NH3 
and are converted to 0.374692 kmol/h of N2. Thus, the overall NOx 
capture efficiency was determined to be 96 %. Generally, NOx capture 
processes are classified into selective non-catalyst reduction (SNCR) and 
selective catalyst reduction (SCR). First, the SCR uses a reducing agent, 
such as NH3 or CO, and the flue gas contacts the reducing agent at the 
column. The fluid enters the catalyst layer, and the NOx is converted to 
N2. The SCR has advantages of a relatively low temperature condition of 
300–350 ◦C and high NOx capture efficiency. Second, in the SNCR, the 
NOx is captured without any catalyst, which requires the high temper
ature condition of 870–1050 ◦C, and has a NOx capture efficiency that is 
relatively low compared to that of the SCR. Fig. 3 shows the NOx capture 
efficiencies of the suggested and conventional processes. 

From Fig. 3, the NOx capture efficiencies of Cases N1 and N2 (SNCR) 
are approximately 56 % and 59 %, respectively. On the other hand, the 
NOx capture efficiencies of Cases N3 and N4 for the SCR are approxi
mately 96 % and 94 %, respectively [18,29]. Finally, because the pro
posed process uses the SCR process, the NOx capture is approximately 
96 %. The results indicate that the SCR has a higher NOx capture effi
ciency compared to that of the SNCR. However, the capital and oper
ating cost of the SCR are significantly higher than those of the SNCR. 
Therefore, many industries still employ the SNCR due to its economic 
feasibility. In this study, we use an SCR process with a nickel-based 
catalyst to maximize the NOx capture efficiency. However, in practical 
industrial applications, it is important to select an appropriate process 
by considering both the economic feasibility and NOx capture efficiency. 

Subsequently, the denitrated flue gas is entered to the scrubber for 
SOx capture and utilization. For this process, the Mg(OH)2 that was 
separated from desalination wastewater using a pH swing process is 
used as an SOx absorbent. Because Mg(OH)2 is insoluble in pure water, 
HCl is added during the acidification process, and the dissolved Mg 
(OH)2 is sprayed at the top of the scrubber. Through the vapor-liquid 
contact with the alkaline slurry and flue gas, SOx is captured, and 
Table 7 shows the simulation results of the SOx capture and utilization. 

From Table 7, it can be observed that 0.004 kmol/h of SOx is con
verted to 0.00039 kmol/h of SO4

2− , and 0.00001 kmol/h of HSO3
− reacts 

with 0.04 kmol/h of Mg2+. When the SOx is captured, HSO3
− and SO4

2−

are generated, and their conversion rates are determined according to 
the pH level of the liquid phase. As the suggested process uses Mg(OH)2, 
SO4

2− is abundant because of the high pH level. Although SO2 is also 
converted to HSO3

− , the amount is very small, and MgSO3•3H2O and 
MgSO3•6H2O, which are formed by the reaction of Mg2+ and HSO3

− ions, 
are produced in very small amounts. Most of the converted SO4

2− ions 
react with Mg2+ ions at the bottom of the scrubber to produce Epsom 
salt, which is widely used in textile, tanning, and agricultural industries. 
Fig. 4 shows the SOx capture efficiencies of the proposed and conven
tional processes. 

From Fig. 4, the SOx capture efficiencies of Cases S1 and S2 (WFGD) 
are approximately 94 % and 97 %, respectively [30,31]. Furthermore, 

Table 3 
Conventional cases for NOx, SOx, and CO2 capture and utilization.  

Classification Case Process type Process features 

NOx capture 
efficiency 

N1 *SNCR No catalyst, NH3/NO2 ratio 
= 1.5 

N2 SNCR No catalyst, NH3/NO2 ratio 
= 2.0 

N3 **SCR NiFe-500 catalyst, 
NH3/NO2 ratio = 1.0 

N4 SCR TiO2/CeO2 catalyst, 
NH3/NO2 ratio = 1.0 

SOx capture 
efficiency 

S1 ***WFGD Ca/S ratio = 1.04, pH = 5.9 
S2 WFGD Ca/S ratio = 1.04, pH = 4.8 
S3 ****DFGD Ca/S ratio = 3 
S4 DFGD Ca/S ratio = 1.5 

CO2 capture 
efficiency 

C1 *****CCS using 
NaOH 

CO2 loaded/ NaOH ratio =
0.23 

C2 CCS using NaOH CO2 loaded/ NaOH ratio =
0.56 

C3 CCS using MEA CO2 loaded/ MEA ratio =
0.18 

C4 CCS using MEA CO2 loaded/ MEA ratio =
0.50 

*SNCR = Selective non-catalytic reduction, **SCR = Selective catalytic reduc
tion, ***WFGD = Wet flue gas desulfurization, ****DFGD = Dry flue gas 
desulfurization, *****CCS = Carbon capture and storage. 

Table 4 
Simulation results of Mg2+ separation.  

Component SWRB 
[kmol/ 
h] 

NAOH 
[kmol/ 
h] 

SWMGOH2 
[kmol/h] 

MGOH2 
[kmol/ 
h] 

CACON 
[kmol/ 
h] 

H2O 2.876 0.32 3.196 – 3.1960 
Na+ 0.051 0.08 0.131 – 0.1310 
OH− – 0.08 – – – 
Ca2+ 0.0276 – 0.0276 – 0.0276 
Mg2+ 0.0448 0 0.0048 – 0.0048 
Mg(OH)2 – – 0.04 0.04 – 
Mg2+ → Mg 

(OH)2 

89.2 %      

Table 5 
Simulation results of Ca2+ separation.  

Component CACON 
[kmol/ 
h] 

NAOH2 
[kmol/ 
h] 

SWCAOH2 
[kmol/h] 

CAOH2 
[kmol/ 
h] 

REJECT 
[kmol/ 
h] 

H2O 3.1960 1.000 4.1960 – 4.1960 
Na+ 0.1310 0.250 0.3810 – 0.3810 
Mg2+ 0.0048 – 0.0037 – 0.0037 
Mg(OH)2 – – 0.0011 0.0011 – 
OH− – 0.250 0.1880 – 0.1880 
Ca2+ 0.0276 – 0.0023 – 0.0023 
Ca(OH)2 – – 0.0263 0.0263 – 
Ca2+ → Ca(OH)2 95.3 %      

Table 6 
Simulation results of NOx capture process.  

Component FLUEGAS 
[kmol/h] 

NH3 
[kmol/h] 

DENOX 
[kmol/h] 

NO 0.0001 – 4.8 × 10− 6 

NO2 0.00017 – 6.8 × 10− 6 

NH3 – 0.015355 0.015029 
N2 0.3744 – 0.374692 
NOx → N2 96 %    

Fig. 3. NOx capture efficiency of the suggested and conventional processes.  
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the SOx capture efficiencies of Cases S3 and S4 (DFGD) are 85 % and 65 
%, respectively [32,33]. According to the moisture content of the SOx 
absorbent., SOx capture and utilization processes are generally classified 
into dry flue gas desulfurization (DFGD) and wet flue gas FGD (WFGD). 
In both desulfurization processes, a Ca-based SOx absorbent is generally 
used, and limestone (CaCO3) and lime (CaO) are representative SOx 
absorbents because of their low cost. The results show that the DFGD has 
an efficiency that is lower compared to that of the WFGD. The reason for 
this is that the reaction time of the WFGD is longer than that of the 
DFGD; thus, the removal efficiency of SOx is high, and the generation of 
the unreacted absorbent is low. The SOx capture efficiency of the pro
posed process is determined to be 99.9 % when Mg(OH)2 is used as an 
absorbent for SOx. Because Mg(OH)2 is a relatively strong base 
compared to CaCO3, it is possible to increase its SOx capture efficiency. 

The conventional SCU uses CaCO3, which is generally obtained in 
limestone, as the SOx absorbent. Because other substances, such as SiO2 
and Al2O3, decrease the purity of the desulfurization gypsum, which is a 
by-product of the SCU, the limestone should have a CaCO3 purity of 
more than 94 wt%, that is, it should be high-grade limestone. However, 
the reserves of high-grade limestone are only 20 % of the total reserves; 
thus, the need for a substitute for high-grade limestone is inevitable. In 
addition, for the SCU that uses CaCO3, CO2 is inevitably emitted in the 
removal of SOx; thus, there is the problem of increased greenhouse gas 
emission. Lime (CaO) is also employed as an SOx absorbent and does not 
emit CO2; however, it requires the sintering of CaCO3 at high tempera
tures, which causes additional combustion of fossil fuels and increases 
costs. 

However, in the proposed process, as desalination wastewater is a 
substitute for high-grade limestone, resource depletion can be avoided. 
In addition, because the incursion of an expense for providing CaCO3 is 
not necessary, the cost of mining limestone is reduced, and the gener
ated MgSO4•7H2O and MgCO3 can be sold, which is cost-effective. In 
addition, the Mg(OH)2 is used in the SCU system, which is a carbon- 
neutral desulfurization method. Thus, it is not necessary to consider 
the additional CO2 generation. 

3.1.3. CO2 capture and utilization 
Finally, the CO2 in the denitrated and desulfurized flue gas is 

captured at the absorber, where NH3 is used as an absorbent. Subse
quently, the captured CO2 exits the ionic-rich flow that contains HCO3

−

and CO3
2− , and the rich flow reacts with Mg2+ ions during the Mg(OH)2 

carbonation process to generate MgCO3 and NaCl during the NaHCO3 
carbonation process to generate NaHCO3. Table 8 shows the simulation 
results of the CO2 capture and utilization. From Table 8, it can be 
observed that 0.1 kmol/h of CO2 in DS-GAS is added to the absorber and 
is captured as a form of HCO3

− and CO3
2− . The conversion rates of HCO3

−

and CO3
2− were calculated to be 82.3 % and 12.4 %, respectively; thus, 

the CO2 capture efficiency is determined to be 94.7 %. The captured CO2 
is emitted in the form of CO3

2− and HCO3
− . Furthermore, the proportion 

of CO3
2− and HCO3

− can vary depending on the pH and are mainly in the 
form of CO3

2− based on the acid-base equilibrium. 
Table 9 shows the simulation results of the carbonation process. 

From Table 9, it can be observed that 0.08231 kmol/h of HCO3
− is 

converted to 0.0761 kmol/h of NaHCO3, and 0.01248 kmol/h of CO3
2− is 

converted to 0.01248 kmol/h of MgCO3. Thus, the conversion rates of 
the NaHCO3 and MgCO3 are determined to be 92.5 % and 99 %, 
respectively. The Gibbs free energy of formation of the NaHCO3 and 
MgCO3 is − 852 kJ/mol and − 1095 kJ/mol, respectively. Thus, if the 
MgCO3 is not separated first, the conversion rate of the NaHCO3 is 
significantly lowered. However, in this study, MgCO3 is separated first; 
thus, a high conversion rate of NaHCO3 is obtained. Finally, the gener
ated NaHCO3 and MgCO3 are commercialized. Fig. 5 shows the CO2 
capture efficiencies of proposed and conventional processes. 

From Fig. 5, it can be seen that the CO2 capture efficiencies of Cases 
C1 and C2 (CCS using NaOH) are approximately 90 % and 91 %, 
respectively [34,35]. Furthermore, the CO2 capture efficiencies of Cases 
C3 and C4 (CCS using MEA) are approximately 85 % and 92 %, 
respectively [36,37]. CO2 is usually removed from flue gases through 
chemical absorption using an ethanol amine solution (e.g., MEA or 
DEA.), ammonia solution, or alkaline solution (e.g., NaOH or KOH) as an 
absorbent [38]. First, amine has the virtue of high reactivity with CO2 
and low cost, while the amine solution has low CO2 absorption capacity, 
and it reacts with other acid components such as formic acid and acetic 
acid, heat-stable salt is produced, which cause loss of the absorbent 
during CO2 capture, resulting in low CO2 capture efficiency [39]. Sec
ond, NaOH is not reusable; thus, there is a problem of an increase in the 
raw material cost and feedstock availability. In addition, when the CO2 
absorption rate reaches the limited concentration, NaOH emits the CO2 
rather than absorb it. As the CO2 is captured using NaOH, the NaOH is 
converted to NaHCO3, and based on the phase equilibrium, the CO2 is 
reemitted from the NaHCO3. Thus, there is a limit to the isolation of CO2 
as a metal salt using an NaOH solution [34]. On the other hand, NH3 has 
high absorption capacity of CO2 and fast absorption rate; thus, its CO2 
capture efficiency is high. In addition, NH3 has high stability of the 
oxidative and thermal degradation; thus, loss of the solvent can be 
prevented. Furthermore, in this study, NH3 is recovered using the Ca 
(OH)2 that is generated from desalination wastewater, which is an 
efficient way to use the NH3. Table 10 shows the simulation results of the 

Table 7 
Simulation results of the SOx capture and utilization.  

Component DENOX 
[kmol/h] 

MG++

[kmol/h] 
DS-GAS 
[kmol/h] 

MGSO4 
[kmol/h] 

Mg2+ – 0.04 0.0396 – 
SO2 0.0004 – – – 
SO4

2− – – 0.00039 – 
HSO3

− – – 0.00001 – 
MgSO4*7H2O – – – 0.00039 
SO2 → MgSO4*7H2O 99.9 %     

Fig. 4. SOx capture efficiencies of the suggested and conventional processes.  

Table 8 
Simulation results of the CO2 capture and utilization.  

Component DS-GAS 
[kmol/h] 

LEANSOLV 
[kmol/h] 

RICHSOLV 
[kmol/h] 

CLEANGAS 
[kmol/h] 

CO2 0.1 – – 0.00520 
HCO3

− 5.79 × 10− 10 – 0.08231 – 
CO3

2− 3.35×10− 19 – 0.01248 – 
NH3 0.0105 0.4294 0.7365 – 
OH− 2.41 × 10− 14 1.03 × 10− 8 3.07 × 10− 10 – 
CO2 → HCO3

− 82.3 %    
CO2 → CO3

2− 12.4 %    
CO2 → HCO3

− , 
CO3

2−
94.7 %     
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NH3 regeneration process. 
From Table 10, it can be observed that approximately 0.09676 kmol/ 

h of NH4Cl reacts with 0.0263 kmol/h of Ca(OH)2, and as a result of the 
reaction, 0.0822 kmol/h of NH3 is regenerated, producing 0.02236 
kmol/h of CaCl2. Thus, the regeneration rate of the NH3 is determined to 
be 85 %, and the generated CaCl2 can be commercialized for road sur
faces, de-icing, freezing-point depression, etc. 

3.2. Economic assessment 

This section addresses the economic assessment to demonstrate the 
economic feasibility of the proposed process. To perform the economic 
assessment, conventional cases are set, which are comprised of the SCR 
for NOx capture, WFGD for SOx capture and utilization, and CCS that 
uses the MEA for CO2 capture. The total annualized cost (TAC) of the 
proposed process and conventional case are calculated. The TAC is 
determined by adding the equivalent annual cost (EAC) and total 
product cost (TPC) (Eq. (30)) [40,41]. 

TAC = EAC+TPC (30)  

3.2.1. Equivalent annual cost 
The EAC is the annualized total of capital cost such as equipment 

cost, land cost, etc. It is determined by dividing the total capital in
vestment (TCI) by the annuity factor (AF) (Eq. (31)) [42]. 

EAC =
TCI
AF

(31)  

where, AF is calculated from the discount of the interest rate (r) and 
number of periods (n): 

AF =
1 − 1

(1+r)n

r
(32)  

r and n are specified as 5 % and 15, respectively. 
The TCI is the capital cost, which is composed of land, labor, con

struction, equipment, etc. It is determined by adding the fixed capital 
investment (FCI), working capital investment (WCI) and start-up cost 
(SUC) (Eq. (33)) [43,44]. 

TCI = FCI+SUC+WCI (33) 

The FCI is the cost of equipment and facilities and is determined from 
the direct cost (Cdirect) and indirect cost (Cindirect) (Eq. (34)) [40,45]. 

FCI = Cdirect + Cindirect (34) 

Cdirect is calculated from the inside battery limit cost (CISBL), which is 
composed of the cost of equipment, installation, control, pipe and 
electrical, and outside battery limit cost (COSBL), which is in turn 
composed of building, land, and service facilities costs (Eq. (35)) [46]. 

Cdirect =CISBL +COSBL (35) 

Cindirect is cost which is not directly consumed to product, facility, etc. 
such as security costs, administrative and manpower. The Cindirect is 
determined from the engineering cost (Cengineering), construction expenses 
(Cconstruction), contractor's fee (Ccontracotor), and contingency cost (Ccontin

gency) (Eq. (36)) [46]. 

Cindirect = Cengineering + Cconstruction + Ccontracotor + Ccontingency (36) 

The start-up cost is cost which incurred when starting a facility and it 
is determined 10 % of the fixed capital investment (Eq. (37)). 

SUC = 0.1 × FCI (37) 

Finally, the working capital investment is capital cost for feedstock, 
products and spare parts maintenance and it is determined 20 % of the 
fixed capital investment (Eq. (38)) 

WCI = 0.2 × FCI (38) 

Finally, using the above equation, the EAC was calculated, and 
Table 11 shows the EAC of the conventional and proposed processes. 

3.2.2. Total product cost 
The TPC is annual cost which incurred during production such as 

labor cost, raw material cost and utility cost. For TPC calculation, this 
work set the annual operating to 365 d and the TPC is determined from 
direct production costs (DPC) and general expenses (GEs) (Eq. (39)). 

TPC = DPC + GEs (39) 

The DPC directly affects product production and it can be deter
mined from utility costs, such as raw material costs, water costs, and 
electricity cost (Eq. (40)). 

Table 9 
Simulation results of carbonation process.  

Reaction In 
[kmol/h] 

Out 
[kmol/h] 

Yield 
[%] 

HCO3
− → NaHCO3 0.08231 0.07610 92.5 % 

CO3
2− → MgCO3 0.01248 0.01248 99.9 %  

Fig. 5. CO2 capture efficiencies of proposed and conventional processes.  

Table 10 
Simulation results of the NH3 regeneration process.  

Component NH4Cl 
[kmol/h] 

CAOH-S 
[kmol/h] 

CA++

[kmol/h] 
CACL2 
[kmol/h] 

NH4Cl 0.09676 – – 0.01456 
Ca(OH)2 – 0.0263 0.00004 – 
Ca2+ – – 0.0263 0.0045 
NH3 0.63974 – – 0.72194 
CaCl2 – – – 0.02236 
NH4Cl → NH3 85.0 %     

DPC = Craw materials + Cwater + Celectricity + Cmaintenance + Clabor + Csupervision + Coperatingsupplies + Claboratory (40)   
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where Craw materials denotes raw material costs, Cwater denotes water costs, 
Celectricity denotes electricity costs, Cmaintenance denotes maintenance costs, 
Clabor denotes labor costs, Csupervision denotes supervision costs, Coperating 

supplies denotes operating supplies costs, and Claboratorydenotes laboratory 
charges. 

The GEs is cost which incurred as part of the day-to-day operations 
and it can be determined by summing the administrative costs (Cadmis

trative), marketing costs (Cmarketing), and research and development costs 
(CR&D) (Eq. (41)) [46]. 

GE = Cadmistrative + Cmarketing + CR&D

(41) 

Table 12 shows the TPC of conventional and proposed processes. 

3.2.3. Economic assessment results 
Table 13 shows the comparison of the EAC, TPC, and TAC of the 

proposed and conventional processes. It can be observed from the figure 
that the EAC of the conventional and proposed processes were deter
mined to be 6.73 million USD/y and 7.71 million USD/y, respectively. 
Because the proposed process required additional equipment for pro
cesses such as the pH swing, carbonation, and NH3 regeneration pro
cesses, the EAC of the proposed process was increase by 14.5 % 
compared to that of the conventional process. Furthermore, the TPCs of 
the conventional and proposed processes were determined to be 32.08 
million USD/y and 26.78 million USD/y, respectively. The TPCs of the 
proposed process was decreased by approximately 16.5 % because of the 
decrease in the raw material costs. Despite a slight increase in the 
electricity cost according to the electrolysis process, the proposed 

process only requires HCl and makeup NH3 rather than an expensive 
absorbent. Finally, the TACs of the conventional and proposed processes 
were calculated to be 38.81 million USD/y and 34.49 million USD/y, 
respectively. Thus, the TAC of the proposed process was decreased by 
11.2 %, indicating high economic feasibility. 

4. Applicability of the proposed process 

This section addressed the applicability of the proposed process in 
actual desalination plants. To address the applicability of the proposed 
process, the main outcomes of conventional and proposed process is 
compared. Table 14 shows comparison of the main outcomes of con
ventional model in the literature with proposed model. 

Table 11 
EAC of the conventional and proposed processes [47].  

Classification Percentage 
of cost 

Used Conventional 
process [1000 
USD/y] 

Proposed 
process 
[1000 USD/ 
y] 

Direct cost 
ISBL     

Equipment cost 100 100  38,533  44,133 
Equipment 

installation 
25–55 30  11,560  13,240 

Instrumentation 
and control 

8–50 20  7707  8827 

Piping 20–80 15  5780  6620 
Electrical 15–30 11  4239  4855 

OSBL     
Building and 

building services 
10–80 10  3853  4413 

Yard 
improvements 

10–20 10  3853  4413 

Services facilities 30–80 20  7707  8827 
Land 4–8 5  1927  2207 

Total direct cost    52,405  60,021  

Indirect cost 
Engineering 10 10  3853  4413 
Construction 
expenses 

10 10  3853  4413 

Contractor's fee 0.5 0.5  193  221 
Contingency 5–20 8  3083  3531 

Total indirect cost    10,982  12,578 

Fixed capital 
investment 

Direct cost + indirect 
cost  

53,753.2  61,565 

Startup cost (SUC) 20 % of FCI  10,750.6  12,313 
Working capital 

investment (WCI) 
10 % of FCI  5375.32  6157 

TCI SUC + WCI + FCI  69,879.1  80,035 

EAC (r = 5 %, n = 15 
year) 

Eq. (35)  6732.32  7711  

Table 12 
Total production costs of the proposed and conventional processes [47].  

Classification Range Used Conventional 
process [1000 
USD/y] 

Proposed 
process 
[1000 USD/ 
y] 

Direct production 
cost     
Local taxes, 
Insurance 

1.5–5 % 
of FCI 

3 1613 1847 

Maintenance 
(M) 

1.0–10 % 
of FCI 

4 2150 2463 

Operating labor 
(OL) 

15 % of 
TPC 

15 4811 4017 

Supervision and 
support labor 
(S) 

30 % of 
OL 

30 1443 1205 

Operating 
supplies 

15 % of 
M 

15 215 246 

Laboratory 
charges 

10–20 % 
of OL 

10 481 402 

Plant overhead 
cost OVHD 

50–70 % 
of M +
OL + S 

60 5043 4611 

Electricity – Calculated 6696 1279 
Raw material – Calculated 6656 8232 

General expenses     
Administrative 

cost 
15–20 % 
of OL 

15 722 603 

Distribution and 
marketing 

2–20 % of 
TPC 

2 642 536 

R&D cost 2–15 % of 
TPC 

5 1604 1339 

Total production 
cost 

Direct production cost +
general expenses 

32,076 26,778  

Table 13 
Comparison of the EAC, TPC and TAC of the proposed and conventional process.  

Classification Conventional process 
[million USD/y] 

Proposed process 
[million USD/y] 

EAC  6.73  7.71 
TPC  32.08  26.78 
TAC  38.81  34.49  

Table 14 
Comparison of the main outcomes of conventional model in the literature with 
proposed model.  

Classification Conventional model  
[1] 

Proposed model 

NOx capture 
efficiency 

0 % 96 % 

SOx capture efficiency 99 % 99 % 
CO2 capture efficiency 91 % 94.7 % 
Products CaCO3, MgCO3, CaSO4 MgCO3, NaHCO3, CaCl2, 

MgSO4  
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From the table, although NOx capture was not considered in the 
conventional model, the proposed process can capture NOx using NH3 
and shows a reduction efficiency of 96 %. The use of NH3 increase the 
operating cost and since the NOx is emitted in to the atmosphere as N2 
and thus the utilization of NOx is complicate. However, the proposed 
model can recover the NH3 at NH3 regeneration process, the efficient use 
of NH3 is possible. Then, the 99 % of SOx is capture at conventional and 
proposed model. The conventional model use the Ca(OH)2 for SOx 
capture, however the it cause the scales such as CaSO4•2H2O and 
CaSO3•0.5H2O in the scrubber, which causes serious problems and in
creases the cost of maintenance significantly. In addition, molar weight 
of Ca(OH)2 is higher than Mg(OH)2, and thus the high capacity scrubber 
is required. On the other hands, since the proposed process use Mg(OH)2 
and thus the problem of the scales and capacity increase can solved. 
Finally, the CO2 capture efficiency of the conventional and proposed 
model is determined by 91 % and 94.7 % respectively. In conventional 
model, the NaOH is used for CO2 capture however, when the CO2 ab
sorption rate reaches the limited concentration, NaOH emits the CO2 
rather than absorb it. As the CO2 is captured using NaOH, the NaOH is 
converted to NaHCO3, and based on the phase equilibrium, the CO2 is 
reemitted from the NaHCO3. However, the NH3 has high absorption 
capacity of CO2 and fast absorption rate; thus, its CO2 capture efficiency 
is high. The proposed process shows higher air pollutant reduction ef
ficiency than the conventional process, and also can produce various 
products such as MgCO3, NaHCO3, CaCl2 and MgSO4. In addition, 
desalination wastewater is recycled to reduce air pollutants, and the 
efficiency of the process can be maximized by reusing NH3 that 
conventionally cannot be recovered. Therefore, we believe that the 
proposed process will not only overcome the limitations of the con
ventional process, but also have a high potential for application to actual 
desalination plants. 

5. Conclusion 

In this work, we designed a novel process for the utilization of 
desalination wastewater for NOx, SOx, and CO2 capture and utilization 
using NH3. This study makes two major contributions to the existing 
literature. First, because the suggested process use the metal ions in 
desalination wastewater for NOx, SOx, and CO2 capture and utilization, 
it is an proper solution for the environmental contamination by desali
nation wastewater and the feedstock restrictions on conventional ab
sorbents. Second, this study proposes an environmental and economical 
approach for NOx, SOx, and CO2 utilization in the flue gas using only 
metal ions in desalination wastewater; thus, the approach is efficient and 
environmentally friendly. The findings of the study are as follows. 
Approximately 96 % of NOx was captured, the SOx capture efficiency 
was 99 %, and approximately 94.7 % CO2 was captured. Furthermore, 
the TACs of the conventional and proposed processes were determined 
to be 38.81 million USD/y and 34.49 million USD/y, respectively. Thus, 
the proposed process has a 11.2 % reduction in the TAC, indicating high 
economic feasibility. Thus, we believe that this study provides valuable 
insights into the efficient use of desalination wastewater and the capture 
and utilization of NOx, SOx, and CO2 in a cost-effective and environ
mentally friendly manner. The Ca and Mg-based products cause fouling 
of the industrial equipment and thus some mitigation techniques are 
proposed. Thus, focus on the mitigation techniques should be taken into 
consideration for rigorous economic assessment in the further studies. In 
addition, when the actual process is operated, the results may be slightly 
different from the theoretical simulation results. Therefore, it is neces
sary to fit detailed parameters and operating conditions. 
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